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1. ABSTRACT

Indirect composition control of industrial distilla­

tion columns is frequently practiced because of difficul­

ties associated with direct composition measurements.

Static nonlinear rigorous estimators which involve 

tray to tray energy and material balances were developed 

for product composition estimation. Another type of ap­

proximate nonlinear estimator based on statistical analysis 

of binary column steady state data was proposed. Cri­

teria to select optimum secondary measurements were de­

veloped for these estimators. By steady state simulation 

of a constant relative volatility binary distillation co­

lumn, the sensitivity of rigorous estimators to measure­

ment errors was studied.

A steady state computer program for a pilot scale, 

24 tray, methanol/water distillation column was developed. 

This was used to design various estimators and to evalu­

ate steady state composition errors associated with non­

linear estimators, Brosilow's linear estimator and con­

ventional constant tray temperature control for changes 

in feed composition and product composition setpoints. 

The steady state composition errors were negligibly small 

for estimator based control schemes in face of feed com­

position changes. It was found that for bottom's compo­

sition set point changes, steady state composition error 

was significant for Brosilow's linear estimator.
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A dynamic program for the distillation column was 

also developed. The dynamic response of the column in 

face of feed composition and/or product composition set 

point changes was studied for comparative evaluation of 

control schemes using composition estimators and conven­

tional composition control techniques.

The control schemes using Brosilow’s linear estima­

tor and nonlinear rigorous estimator were experimentally 

implemented using PDP 11/40 computer. The superiority 

of the control scheme using the rigorous nonlinear 

estimator was verified experimentally.
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2. INTRODUCTION

In general, the purpose of distillation column con­

trol is to maintain the desired product quality. Conven­

tional design of a feedback control system requires con­

tinuous measurement of product composition. However, di­

rect measurement of product quality is difficult, expen­

sive and, at times, unreliable. Sometimes, adequate tech­

nology to measure the product quality simply does not 

exist. Frequently, large measurement lags associated with 

composition measurement do not permit the design of an 

effective feedback control system. One solution to this 

problem is to infer product quality using convenient se­

condary measurements.

In distillation columns, tray temperatures and pro­

cess flow rates are convenient secondary measurements. 

They are easily measurable and measurement errors and 

measurement lags are small.

2.1 Background

A large number of industrial columns are monitored 

using tray temperatures for indirect composition control. 

Extensive literature is available on temperature control 

of distillation columns.

A common control technique is to control the tem­

perature of an optimum tray near the end of the column 

where the product is withdrawn. An optimum tray is se­

lected such that the steady state deviation of controlled

3



product composition is as small as possible with the 

restriction that the tray temperature changes due to load 

disturbances are greater than"the sensitivity of the tem­

perature sensor element. When the pressure variations 

are large enough to significantly affect the control tray 

temperature, pressure compensated tray temperature is used.

Another popular control scheme to offset the undesir­

able effects of absolute pressure variations in the column 

is to control a tray temperature differential, i.e. dif­

ference between two tray temperatures in some section of 

the column (1,2). Luyben (3) has shown that for a 25-tray 

deisobutanizer, the steady state error due to feed distur­

bances and column pressure variations is less with double 

differential temperature control than with conventional 

control techniques mentioned earlier. The double dif­

ferential temperature control means to control the differ­

ence between two temperature differences in the section 

of the column where the product is withdrawn. Boyd (4) 

has demonstrated that for a fractionation column, control­

ling the difference between two differential temperature 

measurements in each section of the column reduces the 

steady state composition error due to process disturban­

ces and the control system stability is increased com­

pared with convention control systems mentioned earlier. 

Luyben (5) has recommended profile position control for

4



distillation columns with sharp temperature profiles. 

The profile position is obtained by measuring a number 

of tray temperatures. Weber et al. (12,13) have proposed 

more sophisticated distillation column control techniques 

which use plural tray temperatures to maintain product 

compositions. One technique uses the sum of two or more 

selected tray temperatures to adjust key control vari­

ables . Another technique uses the sum of two selected 

tray temperatures to adjust one operating variable and 

the sum of difference of two tray temperatures and a 

correction factor proportional to the ratio of overhead 

product rate and feed rate to manipulate the second 

operating variable. These techniques are recommended 

for one feed, two product distillation columns and are 

superior to conventional single tray temperature measure­

ments and material balance controls.

With recent advances in computer control technology 

and lower cost of control computers, studies of the ap­

plication of modern control theory to multivariable chemi­

cal processes have begun. King (6) and Nu, et al., (7) 

have successfully applied modern concepts of control de­

sign for indirect composition control on pilot scale 

distillation columns. The improvement was attributed to 

recognition of interaction between process variables by 

modern control theory. However, application of such a 

rigorous approach to control industrial columns would be

5



too complex and impractical considering the large number 

of measurements and large amount of computations needed.

Brosilow (8,15) proposed a linear static estimator 

using a linear combination of selected tray temperatures 

and steam and reflux flow rates to estimate the product 

quality. He demonstrated by digital simulation that 

application of such an estimator based control scheme to 

multicomponent distillation column achieved composition 

control comparable to that achieved with instantaneous 

composition measurements. Babu, et al., (9) reported 

that inferential composition control of an industrial 

debutanizer column using Brosilow's estimator gave better 

control than with the conventional technique of control­

ling a tray temperature.

2.2 Scope of Work

For a distillation column at steady state, the co­

lumn is completely specified if the number of process 

variables measured is equal to the degrees of freedom 

of the column. The process variables could include 

feed composition, product composition, tray temperatures 

and process flow rates. Product composition can be es­

timated using a rigorous steady state mathematical model 

if sufficient number of tray temperatures and/or pro­

cess flow rates are known (equal to or greater than the 

degrees of freedom of the system)

6



A static mathematical model for the distillation 

column involving tray to tray energy and material ba­

lances could be used in conjunction with selected, easily- 

measurable process variables to estimate product quality. 

Composition estimation errors would be caused by

1) Modelling Errors : Composition estimation error due to 

inaccuracy of mathematical model describing the distil­

lation column. One solution is to use a rigorous mathe­

matical model for the column and periodically update 

column parameters.

2) Measurement Errors: Composition estimation error due 

to noise present in process measurements and due to 

sensitivity limitation of the measuring device. These 

could be reduced by filtering noisy measurements and pro­

per selection of secondary measurements.

3) Dynamics of the Column: Composition estimators are 

based on the asumption that the column is at steady 

state. However, this is not true when the column is 

under transient condition. This error could be reduced 

by judicious choice of process measurements to be used 

in the estimator.

The present research is aimed at design of static 

nonlinear composition estimators which use selected tray 

temperatures and/or process flow rate measurements. The 

mathematical model is of a fundamental type involving 

tray to tray energy and material balances and vapor­

7



liquid equilibrium relationships. Such an estimator 

would be able to handle process nonlinearities better 

than Brosilow's linear estimator.

The following was the proposed plan of work:

1) Develop a criterion for selecting a subset of avail­

able tray temperatures and process flow rates which when 

used in conjunction with a static, rigorous mathematical 

model would give an estimate of product quality for a 

binary distillation column.

2) Investigate the application of this composition 

control strategy to a binary distillation column by di­

gital simulation. Compare it with Brosilow's linear 

estimator and conventional composition control techniques 

for a binary distillation column by digital simulation.

3) Conduct an experimental study on the application of 

this control scheme to a 24 tray, methanol/water distil­

lation column. PDP 11/40 computer was used for real­

time control.

4) Explore the extension of this control scheme using non­

linear estimators to multicomponent distillation columns.

8



3. BROSILOW'S LINEAR ESTIMATOR

3.1. Theory (8,15)

As mentioned earlier, the control of many chemical 

processes is complicated because direct product compo­

sition measurement is difficult and the process is sub­

ject to unmeasurable process disturbances. Weber and 

Brosilow (8) suggested that one solution to this problem 

is to estimate the product compositions using secondary 

measurements. A static estimator which estimates the 

product composition from a linear combination of selec­

tive process input and output measurements was developed. 

The static estimator is based on the static linear in­

put-output relationship model for the process. A cri­

terion for selecting a subset of available (easily measur­

able) input and output variables so as to minimize com­

position estimation error due to measurement errors and 

modelling errors was also developed.

The static estimator relates perturbations in mea­

sured quantities to perturbations in the product quality. 

The linear model of the process (valid in the region a­

bout a steady state operating point) is represented by

x = Fv = Mm + Ju dim(v) = dim(u) + dim(m) (1)

y = Hx = Qm + Ru dim(y) _> dim(u) (2)

w = Gx = Pm + Ku (3)

9



where

v = process input perturbation 

u = unmeasured component of v 

w = process product quality perturbation 

x = process state perturbation 

y = measurable process output perturbation. 

Capital letters in Eq. (1), Eq. (2) and Eq. (3) 

are matrices and

(M:J) = F; Q = HH; R = HJ; P = GM; K = GJ

Another restriction on this linear model is that 

the rank of matrix R is equal to dim(u).

Using Eq. (1), Eq. (2) and Eq. (3), we get 

w = Pm + KR”\y-Qm)

where

y = the vector of measurements selected for use 

in the estimator.

R = the reduced model matrix (the submatrix of 

R formed by selecting rows of R corresponding to the 

measurements of y).

Q = the submatrix of Q associated with measure­

ments y.

However, the estimator designed might give poor 

estimates due to errors in modelling and measurements.

Eq. (2) could be modified to incorporate modelling 

errors and measurement errors.

10



(R + E)u = b + £ (5)

where

R = the error free reduced matrix

E = error matrix associated with R

b = the noise free measurement vector

e = vector sum of measurement noise in y and Q^. 

u = noise estimate of the true process inputs

From Eq. (5)

u - R+b ’ (6)

where

R^= (PR)"1? (7)

where R = R + E

R+ = a generalized inverse of R

P = any matrix such that

PR is nonsingular

b = b + E

It can be shown that

Cond(R)
I IEu+e| |

b = projection of b on the space spanned by the 

columns of R.

Large condition numbers imply high sensitivity 

to modelling errors. Condition numbers higher than 

100 imply large errors in estimates of u due to model­

ling errors. If the condition number is less than 10, 

error amplification due to modelling error would not be 

significant. ,,



To select between measurement sets, the measurement 

set with the lowest condition number is selected if the 

condition numbers vary widely. If the condition numbers 

do not vary widely, then the error statistics of measure­

ments is also considered in choosing an optimum measure­

ment set.

However, since there is a significant computation 

involved in calculation of condition numbers, an alter­

native criterion involving minimax row dot product, 

which selects the set of measurements with large angles 

between each other, is recommended by Weber and Brosi- 

low. The cosine of angle between the two vectors is 

given by the normal dot product which is defined as

DP(i.j)----1 J i% i,j = l.n

where

row of R

inner product of with yj

n = the number of feasible measurements

In order to compare various sets of measurements, 

we define

MDP^ = max DP(i,j) 

i,jeSk

= maximum row dot product of k set of

measurements.

12



The sets of measurements with the smallest maximum 

row dot products are candidates for use in the estimator. 

The set with the lowest condition number is selected. If 

two or more of these sets have low condition numbers, then 

the set with the lowest measurement noise level is selec­

ted. If the condition numbers for all sets are very high, 

then the measurements in the set is increased by one. 

The procedure is repeated until a set of measurements 

with an acceptable conditon number is found.

By digital simulation of a multicomponent distilla­

tion column, Brosilow showed that the composition control 

achieved by using Brosilow's linear estimator was com­

parable to that achieved with instantaneous composition 

measurements and superior to that achieved by controlling 

a tray temperature.

Brosilow* s composition estimation technique is based 

on the assumption that the process can be adequately re­

presented by a linear model. Generally, this is reason­

able if the process is not subject to large variations in 

load disturbances, composition set points or system para­

meters . However, for a nonlinear process subject to 

large environmental changes, such an estimator would give 

large steady state composition errors.

Also, the criterion for selecting the optimum subset 

of the available measurements does not take into account 

the dynamics of the process.

13



3.2. Design of Brosilow's Composition Estimator 

The procedure is summarised as follows.

1) Select the product compositions to be controlled. 

For Lehigh distillation column, (binary, methanol/water, 

24 tray) distillate and bottom’s compositions were 

selected.

2) Define the process input disturbances. For the co­

lumn, the input disturbances were considered to be feed 

composition, feed rate and feed temperature. '

3) Select measurable output secondary measurements 

and measurable input manipulâti ve variables. For the 

column, the 24 tray temperatures were considered to be 

easily measurable output variables. Reflux flow rate 

and steam flow rate were considered as measurable mani­

pulative variables.

4) Construct the linear static model (obtain matrices 

R, Q, P and K). These matrices can be obtained from the 

steady state changes in selected output secondary mea­

surements and product compositions for a small step change 

in input disturbances. This can be done experimentally 

or by steady state simulation of the process. For the 

column, the matrices were obtained by calculating steady 

state changes in tray temperatures and product composi­

tions for ±1 percent changes in input disturbances and 

manipulative variables using a rigorous steady state 

model of the column.

14



Figure 1. Elements of a Distillation Column.
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5) The minimum number of secondary measurements, say n, 

is equal to the number of unmeasurable input disturban­

ces. Calculate minimax row dot product for all possible 

sets of n secondary measurements. The sets with minimax 

row dot products are candidates for use in the estimator. 

Out of these sets, the set with the lowest reduced model 

matrix condition number is selected, if the condition 

number is less than ten. If the condition number is greater 

than ten, the number of secondary measurements for use in 

the estimator is increased by one. The procedure is re­

peated, until a set of secondary measurements with ac­

ceptable condition number is found. For the column the 

composition estimator with three tray temperature measure­

ments was found satisfactory.

16



4. RIGOROUS NONLINEAR ESTIMATORS

This,chapter deals with steady state composition 

estimation for a binary distillation column based on a 

fundamental, nonlinear steady state model of the dis­

tillation column involving tray to tray mass and energy 

balances. Process flow rates and tray temperatures are 

considered easily measurable secondary measurements. A 

criterion to select an optimum subset of available second­

ary measurements based on sensitivity analysis is sug­

gested. This type of estimator will be referred to as a 

rigorous estimator, to distinguish from estimators 

developed in Chapter 5.

4.1. Dimensional Analysis (14)

The degrees of freedom or the number of design vari­

ables which must be specified in any system is equal to 

the total number of variables in the system minus the 

number of restriction conditions or relationships exist­

ing in the system. An efficient approach to determine 

the degrees of freedom of a process unit is to break up 

the process unit into a number of elements and determine 

the degree of freedom of these elements and combine them 

in a proper fashion to obtain the degrees of freedom 

for the process unit.

Figure 1 depicts a distillation unit with one feed, 

total condenser and partial reboiler which has been di­

vided into six elements, A, B, C, D, E and F.

17



Consider the element A, partial reboiler

A flow stream is completely specified by (C+2) 

variables, (C-1) for composition, temperature, pressure 

and flow rate.

Since three flow streams and one heat stream are 

involved, the total number of variables is equal to

N = 3 (C+2) + 1 = 3C + 7

The restricting relationships can be tabulated as follows :

Type of Restriction _

Inherent (two equilibrium streams at the same 

temperature and pressure 2

Component balances C

Overall energy balance 1

Equilibrium relationship C

2C+3

The degrees of freedom for element A 

= (3C+7) - (2C+3) 

= C + 4

18



In the same manner it can be shown, 

Degrees of freedom for element B = 2C + 2(M-1) + 5 

Degrees of freedom for feed stage = 3C + 8

Degrees of freedom for element D = 2C + 2(N-M-1) + 5

Degrees of freedom for element E (total condenser)

= C + 4

Degrees of freedom for element F = C + 5

The degrees of freedom of a process unit is equal to 

the sum of the degrees of freedom of its elements minus 

the restrictions imposed by bringing such units together. 

Since there are nine internal streams,

Number of restricting relationships = 9 x (C+2) 

Degrees of freedom of a distillation column

= (10C+2N+27) - (9x(C+2)

= C + 2N + 9

In a distillation column, the following design speci­

fications are usually available.

Pressure in each stage = N-l

Pressure in condenser = 1

Pressure in reboiler = 1

Pressure in reflux drum = 1

Heat Loss in each stage = N-l

Heat loss in reflux drum = 1

Reflux temperature = 1

Feed temperature = 1

Feed pressure = 1
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Total number of stages = 1

Number of feed stages = 1

2N+7

Hence, additional number of variables required to 

specify the system completely is equal to (C+2).

The easily available tray temperature and process 

flow rate measurements are

= (N-1) + 5 = N + 4

The process flow rates considered are steam flow 

rate, feed flow rate, bottom's flow rate, reflux flow 

rate, and distillate flow rate. There are (N-1) avail­

able tray temperatures.

For a distillation column, if (C+2) of these (N+4) 

available tray temperatures and process flow rates are 

known, the column is completely specified.

For a binary column if four of available tray tem­

peratures and process flow rates in any combination are 

known, the column is completely specified.

Similarly, for a ternary column five of these se­

condary measurements are necessary to define the system. 

4.2 Proposed Rigorous Estimators

As mentioned earlier, for a binary distillation 

column if any four of the available tray temperatures and 

process flow rates are known, the product compositions 

could be estimated using a steady state mathematical model. 

A large number of tray temperatures and process flow rates

20



is available.

A rigorous estimator uses a set of four or more of 

the available secondary measurements in conjunction with 

a steady state model (involving tray energy and material 

balances) to estimate the product qualities. A large num­

ber of combinations of sets containing at least four se­

condary measurements is possible. In this section, the 

sets of secondary measurements which are candidates to be 

used in rigorous estimators are proposed based on two 

considerations. One consideration is the ease of compu­

tations involved in product composition estimation. The 

second consideration is to minimize the composition esti­

mation error due to dynamics of the column. If secondary 

measurements are taken from the section in which the 

product composition is to be controlled, the composition 

estimation error due to dynamics of the column may be 

small.

REI Estimator: In this type of rigorous estimator, the 

product composition is estimated by using a tray tempera­

ture and two or three process flow rates depending on the 

location of the tray.

The distillation column could be divided into two 

sections : rectifying section and stripping section. Based 

on the analysis of the degrees of freedom of either sec­

tion, it can be shown that if three secondary measurements 
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in a section are known, the product composition in that 

section could be estimated.

Distillate composition could be estimated by using 

reflux flow rate, distillate flow rate and a tray tem­

perature in the rectifying section in conjunction with 

a steady state model for the distillation column. If a 

tray temperature in the stripping section is used feed 

flow rate, reflux flow rate and distillate flow rate 

measurements are required.

For bottom's product composition estimation, steam 

flow rate, bottom’s flow rate and a tray temperature (in 

the stripping section) measurements are used. If a tray 

temperature in the rectifying section is used, additional 

feed flow rate measurement is also required. The compu­

tational procedures are explained in detail in Appendix B.

RE2 Estimator: A number of product composition estimates 

are obtained for different tray temperatures and corres­

ponding process flow rates by the technique described 

in REI estimator.

An average of these product composition estimates is 

considered as the true product composition estimate.

RE3 Estimator: This estimator also uses a number of tray 

temperatures.

All tray temperatures in the rectifying section can 

be calculated for a given distillate composition if 

22



reflux flow rate and distillate flow rate measurements 

are available. All tray temperatures in the column can 

be computed for a given distillate composition if feed 

flow rate, reflux flow rate and distillate flow rate are 

known.

The distillate composition for which the sum of 

squares of differences between calculated tray tempera­

tures and measured tray temperatures is minimized is 

considered the composition estimate.

The bottom's product composition estimate is also 

obtained in a similar manner. The tray temperatures in 

the stripping section can be calculated for a given 

bottom's product composition if bottom's flow rate and 

steam flow rate are known. To calculate all tray tem­

peratures in the column, additional feed flow rate mea­

surement is also required.

4.3. Sensitivity Analysis

In the previous section, the general nature of ri­

gorous estimators was discussed. In this section, a cri­

terion for selecting optimum tray temperatures based on 

sensitivity analysis is suggested.

For a steady state operation, the composition esti­

mation error could be attributed to measurement errors 

(noise and sensitivity limitation of the measuring de­

vice) and to inaccuracies in the mathematical model repre­

senting the distillation column. For an REI estimator, 
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a tray temperature and at most three process flow rate 

measurements are required. It can be written that

x = f(a,b,c.T^) (4)

where

a,b, c represent process flow rate measurements 

th 
= temperature of 1 tray

x = product composition estimate.

It can be shown that

= TE ' Aa + ' Ab + - AC + . AT^

where

Ax is the composition estimation error.

Aa,Ab,Ac and AT^ are measurement errors.

If the error statistics of secondary measurements 

are known, let Ââ, Âb, Ac and ÂT7 represent the maximum 

possible measurement errors. Then, the maximum compo­

sition estimation error

Âx can be evaluated for each tray temperature. The 

tray temperature with the minimum of maximum composition 

estimation error is selected as an optimum tray tempera­

ture for an REI estimator.

For RE2 and RE3 composition estimators tray tempera­

tures with the lowest maximum composition estimation 

errors are selected.
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In certain cases when measurement error statistics 

are not available, a simpler criterion to select the 

optimum tray, temperature is proposed. It is assumed that 

the maximum process flow rate measurement errors are 

approximately equal and that the temperature measurement 

error for different tray temperatures is also approxi­

mately equal. The tray temperatures for which 

af । 
T— } is low are considered as candidates de 

for optimum tray temperatures. Of these tray tempera­

tures, one with the lowest | is selected as an 

optimum tray temperature for REI estimator. For RE2 

and RE3 estimators, the optimum tray temperatures are 

af tray temperatures with lowest 1^ 1 •

Since a rigorous steady state model for the distil­

lation column is used in the estimators, composition 

estimation error due to modelling errors should be small 

except for changes in parameter values. Composition 

estimation error could occur due to changes in tray 

efficiencies, tray pressure drops and tray heat losses. 

It is evident that the closer the tray temperature mea­

surements are to the top, the smaller would be the dis­

tillate composition estimation error due to these types 

of variations.

For bottom’s composition estimation, the lower the 

tray temperature measurements, the smaller the composi-
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tion estimation error due to changes in tray efficiencies 

and tray heat losses. However, the opposite is true for 

composition estimation error for changes in tray pressure 

drops.

4.4 Sensitivity Analysis : Binary Distillation Column

In this section, steady state simulation results of 

sensitivity analysis for an ideal constant relative 

volatility, binary distillation column with equimolal 

overflow are described. The aim of the study was to in­

vestigate the effect of relative volatility, boiling 

point range of the mixture, purity of the products and 

tray temperature location on distillate composition es­

timation error due to measurement errors in reflux flow 

rate, distillate flow rate and tray temperature using 

RE1 estimator.

The binary distillation columns were optimally de­

signed assuming reflux ratio of 1.2 times the minimum 

reflux ratio and optimum feed tray location. The steady 

state design results are described in Table 1.

To evaluate sensitivity of REI estimator to reflux 

flow rate measurement the composition estimation error 

was computed for ten percent error in reflux flow rate 

measurement assuming no measurement error in distillate 

flow rate and tray temperature measurements. The compo­

sition estimation error for ten percent error in dis­

tillate flow rate measurement was computed assuming no 
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measurement error in reflux flow rate and tray tempera­

ture measurements. The composition estimation error 

was computed for 1°C measurement error in tray tempera­

ture measurement assuming no error in process flow rate 

measurements for a) when boiling range of mixture is 

30°C and b) when the boiling point range of mixture 

is 50°C.

Figure 2 to Figure 5 represent the sensitivity plots 

for the ideal binary distillation columns described in 

Table 1. The composition estimation errors are plotted 

against the tray number on which temperature is measured 

for a) ten percent error in reflux flow rate measurement, 

b) ten percent error in distillate flow rate measure­

ment, c) 1°C tray temperature measurement error when 

boiling point range of mixture is 30°C, and d) 1°C tray 

temperature measurement error when the boiling point 

range of mixture is 50°C. XDS represents the steady 

state distillate composition. ATB represents the boiling 

point range of the binary mixture. AXD represents the 

distillate composition estimation error.

Distillate composition estimation error decreased 

rapidly as the tray temperature measurement moved up 

the column for measurement error in the reflux flow rate. 

Composition estimation error increased as the tray temper­

ature measurement moved up the column for measurement 

error in distillate flow rate. Composition estimation
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Figure 5. Sensitiv ity  Analysis for High Purity, Low Relative V olatility  
Binary D istilla tion  Column.
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error decreased as tray temperature measurement location 

moved up the column in the bottom's section, passed 

through a mimimum in the middle of stripping section and 

reached a maximum near feed tray, began to decline as 

tray temperature measurement moved up in the rectifying 

section, passed through a minimum and again increased 

rapidly for tray temperature measurement error.

The composition estimation errors were smaller for 

the low purity distillation column. The composition 

estimation errors were smaller for low relative volati­

lity mixtures for measurement errors in distillate flow 

rate and tray temperatures, while the opposite was true 

for measurement error in reflux flow rate. The composi­

tion estimation error due to tray temperature measure­

ment error were smaller for mixtures with large boiling 

point range.

The optimum tray measurement location for REI esti­

mator to control distillate composition should lie some­

where in the middle of the rectifying section.
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5. APPROXIMATE NONLINEAR ESTIMATORS

The estimators proposed in this section are referred 

to as approximate estimators to distinguish them from 

other types of estimators.

These estimators are designed for a binary distilla­

tion column with one feed stream and no side streams. In­

direct composition control is achieved by controlling 4>, 

a newly defined quantity which is function of process 

flow rates (reflux and/or steam flow rate) and/or tray 

temperatures by manipulating reflux and/or steam flow 

rate. In design of these estimators process nonlineari­

ties in face of feed composition disturbances are taken 

into consideration. In this aspect, they are superior to 

Brosilow's linear estimator. These estimators can be de­

signed using a rigorous steady state model for the dis­

tillation column or by using the steady state operating 

data of the distillation column. One serious limitation 

of these estimators is that it is not possible to give 

composition set point changes. The product compositions 

can only be maintained on the target value for which they 

are designed.

5.1. Proposed Approximate Estimators

For a binary distillation column, the system is com­

pletely specified if four system variables are fixed.

When the control objective is to maintain desired 

distillate composition, the steam flow rate to the re­
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boiler is maintained constant. The reboiler heat load 

is fixed, The distillate composition is also fixed. 

If the volumetric feed rate is assumed constant, then 

for a given feed composition the column is completely 

specified. For a given feed composition, the tray tem­

peratures and process flow rates assume unique values.

There is a functional relationship between tray 

temperatures and reflux flow rate. Using a rigorous 

steady state model of the distillation column, a number 

of sets of values of tray temperatures and corresponding 

reflux flow rate can be computed for different feed com­

positions . Alternatively, these sets of values of tray 

temperatures and corresponding reflux flow rate can be • 

obtained experimentally by operating column at steady 

state for different feed compositions.

AE I Estimator: As mentioned, each tray temperature is a 

single valued function of reflux flow rate. The tempera­

ture of i^ tray can be expressed as a n^ order polyno­

mial function of reflux flow rate using least square cri­

terion as described in Eq. (1). The order of the polyno­

mial depends on the desired accuracy.

T? - ? A(i,m) x (1)

m=l

where

T? represents the calculated temperature of i^ tray 

R is the reflux flow rate.
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Distillate composition is controlled by manipulating 

reflux flow rate. If the reflux flow rate is maintained 

such that the temperature of i^ tray is equal to the cal­

culated temperature of i^ tray, no steady state composi­

tion error would occur in face of feed composition distur­

bances . A new quantity, say 01, which is difference of 

calculated temperature of i^ tray and actual temperature 

of i^ tray is defined. Distillate composition control 

can be achieved by manipulating reflux flow rate such 

that 01 is maintained on the target value of zero.

01 = - Tt = X A(i,m) x - T± (2)
m=l

AE2 Estimator: Each tray temperature is a single valued 

function of reflux flow rate. Conversely, it is also 

true that reflux flow rate can be expressed as a function 

of any tray temperature. The reflux flow rate can be ex­

pressed as a n order polynomial function of temperature 

of i^ tray using least square criterion as described in 

Eq. (3). The order of the polynomial depends on the de­

sired accuracy.

Ri - I B(i,m) x (T.) (3)
m=l

Let 02 be defined as a difference between calculated 

value of reflux flow rate using i^ tray temperature and 

actual reflux flow rate.
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$2 = R? - R = J B(i,m) x (T^™-1 - R (4)

m=L

Composition control can be achieved by manipulating 

reflux flow rate such that R? is maintained equal to re­

flux flow rate. Alternatively, distillation composition 

control can be achieved by manipulating reflux flow rate 

such that <j>2 is maintained on the target value of zero. 

AE3 Estimator: From Eq. (3),

= £ B(i,m) x (T.)m”l where T. is the tray 
m=l x 1

temperature of i tray.

It can also be shown,

R^ - 2 B(j,m) x where T. is the tray
J m=i J J

temperature of j tray. 

At steady state, if distillation composition is main­

tained constant, R? and R? should equal actual reflux flow 

rate in face of feed composition disturbances.

Let t>3 be defined as difference between R? and R?.

The distillate composition control can be achieved 

by manipulating reflux flow rate such that 03 is maintained 

on the target value of zero.

03 = R? - R£

= ? B(i,m)x(T.)<m-l> - ? B(j ,m)x(T.) (5)

m=l m=l J
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AE4 Estimator: Assume that the tray temperatures are 

expressed as a third order polynomial of reflux flow rate 

to achieve desired accuracy. The steady state values of 

temperatures of ith, jth, kth and th tray are available.

From Eq. (1)

T< = Î A(i,m) • (6)

m=l

Since at steady state T? = T^, using Eq. (6)

T. = Z A(i,m) • (7)
m=l

Similarly,

4
T. = Z A(j,m) • R<m-1> (8)

. J m=l

4
Tk = Z A(k,m) • R<™-1) (9)
K m=l

T£ = Z A(&,m) • R(™"D (10)

m=l

Using Eq. (7), Eq. (8), and Eq. (9), it can be shown 

{%} = {%}{!(} (11)

where

^-Ad.iy
{^}= <Tj -A(j , 1)( ;{A) 

(Tk-A(k,l)

%(i,2)A(i,3)A(i,4)'\
A(j,2)A(j,3)A(j,4)l ;{$}

A(k,2)A(k,3)A(k,4).

R2 

.R3.

Eq. (10) can be expressed in the matrix form as

T£ = A(&,1) + {A1){R} (12)
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where {Al} is a raw matrix A(£,2) ,A(£,3)A(£,4) .

From Eq. (11),

{%} = (13)

Substituting for {%} from Eq. (13) in Eq. (12)

T£ = A(£,1) + {A1}{A}"^{T} (14)

Eq. (14) can be expressed as follows, after matrix 

multiplication

To - Cl + C2T. + C3T. + C4T, (15)
X 1 J K

Distillation composition control can be achieved if 

reflux flow rate is manipulated such that the relationship 

between the tray temperatures as expressed in Eq. (15) is 

maintained.

A new quantity $4 is defined as follows.

*4 = T£ - Cl - C2Ti - C3Tj - C4Tk (16)

Distillate composition control can be achieved by mani­

pulating reflux flow rate such that $4 is maintained on the 

target value of zero.

If tray temperature can be expressed as n^ order 

polynomial of reflux flow rate for desired accuracy, then 

$4 would be a linear function of (n+1) tray temperatures.

In design of these estimators it was assumed that the 

volumetric feed rate is constant. In case of AE1 and 
RxF 

AE2 estimator, if R* = — is substituted for R in the

equations defining 4>, the composition control can be main­

tained in face of feed rate disturbances. F is the volu­

metric feed rate at a given time and FQ is the volumetric
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flow rate for which the estimators are designed. In case 

of AE3 and AE4 estimators, since $ is only a function of 

tray temperatures, composition control can be accomplished 

without modifying the definition of in face of feed rate 

disturbances.

Generally, when the control objective is to maintain 

bottom's product composition, reflux flow rate is main­

tained constant. Following the logic applied in develop­

ing distillate composition approximate estimators, each 

tray temperature can be expressed as a polynomial func­

tion of steam flow rate using least square criterion. 

The approximate estimators of similar type can be deve­

loped. $ would be a function of steam flow rate and/or 

tray temperatures. The bottom's product composition is 

controlled by manipulating steam flow rate such that 

is maintained on the target value of zero.

For dual composition control, the distillate compo­

sition is controlled by manipulating reflux flow rate and 

the bottom's composition is controlled by maniuplating 

steam flow rate. However, the desired distillate compo­

sition and bottom's product composition are fixed. If the 

feed flow rate is constant, then for a given feed compo­

sition, the tray temperatures and process flow rates as­

sume unique value. A number of sets of values of tray 

temperatures, corresponding steam flow rate and reflux 

flow rate can be computed using a steady state model for 
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different feed compositions. The tray temperatures are 

single-valued functions of reflux flow rate. Also, the 

steam flow rate is a single valued function of reflux flow 

rate. The tray temperatures can be expressed as n^ order 

polynomials of reflux flow rate by using least square 

criterion. Similarly, steam flow rate can also be ex­

pressed as a polynomial function of reflux rate, as shown 

in Eq. (17)

S. F. = % C(i) x R^"1) (17)

i=l

The same type of approximate estimators as developed 

for distillate composition control are proposed for dual 

composition control. $ is a function of reflux rate and/ 

or tray temperatures. The dual composition control is 

achieved by manipulating reflux rate such that is main­

tained on the target value of zero. However, steam flow 

rate is also manipulated as a function of reflux rate as 

described in the Eq. (17) at the same time.

Table 2 summarizes various approximate estimators 

proposed for distillation composition control.

5.2. Selection of Measurements

In this section, a criterion to select optimum tray 

temperature measurements for approximate estimators is 

developed.

The optimum tray temperatures are selected such that
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the steady state composition error due to measurement 

errors in process flow rates or tray temperatures is 

minimized. Let |A^| be the maximum error due to measure­

ment errors in process flow rates or tray temperatures. 

For example, in case of AE1 estimator for distillate 

composition control

*1 = T? - = f(R) = T±

If AR and AT^ are maximum possible measurement errors in 

reflux flow rate and tray temperature of 1 tray
dT?

I MI I <1^ • ÛR| + I AT±| (18)

Similarly for AE2 estimator for distillate composi­

tion control, 
dR?

I A*2[ < + I&R1 (19)

Similarly for AE3 estimator for distillate composi­

tion control
dR? dR?

|A*3| < 1^ • AT± | + . ATj| (20)

J •
Similarly for AE4 estimator

| A4»4| < | AT£I + |C2-AT.| + |C3-ATj| + |C4-ATk| (21)

By using a steady state model, the sensitivity of 

product composition to changes in the value of $ can be

computed.

Let a = (22)
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Ax is the change in product composition

A4» is the corresponding change in the value of <f>.

The maximum steady state composition error |Ax^J is

iAxm| < a'|A*| (23)

The set of tray temperatures for which Iûx I is 

lowest is considered optimum set of tray temperatures 

for approximate estimators.
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6. STEADY STATE SIMULATION

One aim of present research was to study the applica­

bility of control schemes using nonlinear estimators and 

compare them with composition control strategies using 

Brosilow's linear estimator and conventional control tech­

niques . The first logical step would be to compare steady 

state composition errors associated with the composition 

estimators and conventional control techniques in face of 

feed composition and/or product composition set point 

changes. It would be necessary to develop a rigorous 

steady state program for the column.

6.1 Steady State Model

The steady state model involves tray to tray mass and 

energy balances. It is based on the following assumptions.

1) Perfect tray mixing.

2) Perfect mixing in reflux drum and reboiler.

3) Constant tray heat losses.

4) Constant tray efficiency in rectifying section, 

and in stripping section.

5) Constant tray pressure drop throughout the 

column.

Experimental steady state data from the 24-tray co­

lumn was obtained by putting steam flow rate and reflux 

flow rate on automatic flow control. The product composi­

tions and feed composition were determined by withdrawing 

samples from the respective lines after cooling below 15°C 

to avoid flashing. . R



The recorded flow rates were adjusted slightly to 

make them consistent with the overall material balance for 

the system. The heat losses were calculated by overall 

energy balance around the system.

To determine tray efficiencies in the rectifying 

and stripping sections, it was assumed that measured 

compositions and adjusted process flow rates were cor­

rect. Then a set of tray efficiences in the rectifying 

and stripping sections were calculated such that ip was 

minimized. was defined as the summation of squares of 

differences between 6 recorded tray temperatures and cal­

culated tray temperatures. The procedure was as follows.

1) The stripping section tray efficiency was 

assumed.

2) The rectifying section tray efficiency was cal­

culated such that for a given reflux flow rate, 

the distillate composition calculated using the 

steady state model is equal to the recorded 

distillate composition.

3) The above procedure was repeated for different 

values of stripping section efficiency to mini­

mize the value of ip using interval halving 

convergence method.

4) This was continued until the set of efficiencies 

which minimizes the value of ip was found.

46



Two steady state operating conditions were used. The 

first steady state was for higher feed composition. This 

data was used for simulation studies on distillate compo­

sition and dual composition control.

The second steady state was at lower feed composi­

tion to achieve high purity bottom’s product. This was 

used for simulation studies on bottom's composition con­

trol.

Average operating data for both these steady states 

and a detailed material and energy balance for steady 

state No. 2 is described in Appendix C.

6.2. Steady State Composition Error for Constant Tray 

Temperature Control

For many industrial columns the indirect composition 

control is achieved by controlling a tray temperature 

near the end where the product is withdrawn.

Thus, distillate composition control is achieved by 

controlling a tray temperature in the rectifying section. 

Bottom's composition control is achieved by controlling 

a tray temperature in the stripping section and dual com­

position control is accomplished by controlling two tray 

temperatures, one in each section of the column.

Figure 6 shows the steady state distillate composi­

tion error when temperatures of tray 17 and tray 20 are 

controlled in face of changes in feed composition. The 

higher the control tray location, the smaller the steady
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Figure 6. Steady State Distillate Composition Error for Constant Tray 
Temperature Control and Brosilow's Linear Estimator for Changes in
Feed Composition.
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state composition error.

The steady state bottom’s composition error is shown 

in Figure 7 for different control tray locations for 

changes in feed composition. The lower the control tray 

location, the smaller the steady state composition error.

Figure 8 and Figure 9 show the steady state product 

composition errors when two tray temperatures are con­

trolled simultaneously (dual composition control) for feed 

composition changes. For the same control tray tempera­

ture in the rectifying section, the lower the control tray 

temperature location in the stripping section, the smaller 

the steady state bottom’s product composition error and 

the larger the steady state distillate composition error 

for changes in feed composition.

This study would suggest that the tray temperature 

closest to the end where the product is withdrawn be 

selected as control tray temperatures, theoretically. In 

practice, these trays would register small temperature 

changes for product composition changes (especially for 

high purity columns) which are difficult to detect be­

cause of sensitivity limitation of temperature sensors. 

A trade-off would be necessary.

Tray 17 is selected as a control tray for distillate 

composition control. Tray 4 is selected as a control tray 

for bottom’s composition control. Tray 17 and Tray 4 are 

selected as control trays for dual composition control.
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Figure 8. Steady State  D is t i l la te  Composition Error for Constant Tray Temperature 

Control and Brosllow’s Linear Estimator for Changes in  Feed Composition
(Dual Composition C ontrol),
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6.3. Steady State Composition Error for Brosilow's 

Linear Estimator

To design the Brosilow's linear estimator, the first 

step was to generate a linear steady state model by per­

turbation techniques. The input disturbances were taken 

to be feed flow rate, feed temperature, feed composition, 

reflux flow and steam flow rate. Feed composition, feed 

flow and feed temperature were considered to be unmeasur­

able input disturbances. Although, in practice, the feed 

flow rate and feed temperature could be easily measured, 

the estimator designed on such an assumption would involve 

only one tray temperature measurement. For the sake of 

comparison with other estimators, an estimator using 

multiple tray temperatures was perceived as desirable. 

To obtain a unique Brosilow's linear estimator (not de­

pendent on the units of secondary measurements), the input 

disturbances were represented in a dimensionless form 

(the perturbation in the value of input variable divided 

the steady state value of the input variable used in con­

structing the estimator). Tray temperatures were taken 

to be measurable output perturbations. The product compo­

sitions were considered unmeasurable output perturbations 

to be controlled. To obtain the linear static model, the 

steady state changes in tray temperatures and product 

compositions were calculated for ±1 percent change in in­

put disturbances using a rigorous steady state model
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for the column. .

Table 3 lists the Brosilow's linear estimators con­

structed to estimate the product compositions (the design 

technique described in Chapter 3). These estimators used, 

three optimum tray temperatures. (The word "optimum" is 

used in the sense of minimizing the projection error.)

Figure 6 and Figure 12 shows steady state distillate 

composition error for Brosilow’s linear estimator (steady 

state No. 1) for changes in feed composition. The control 

objective was to control the distillate composition. Fi­

gure 10 shows the composition error for changes in dis­

tillate composition set points.

Figure.7 shows steady state bottom’s product compo­

sition error for Brosilow’s estimator (steady state No. 

2) for changes in feed composition. The control objective 

was to maintain bottom’s product composition. Figure 11 

shows the composition error for changes in bottom’s pro­

duct composition set points.

Figure 8, Figure 9, Figure 14 and Figure 16 show 

product composition errors for Brosilow’s estimator 

(steady state No. 1) for changes in feed composition. The 

control objective was dual composition control.

The steady state composition errors for changes in 

feed composition are negligibly small in all three cases. 

The steady state distillate composition error for changes 

in distillate composition set points is also very small.
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Figure 10. Steady State Distillate Composition Error 
for Brosilow's Estimator for Changes in 
Distillation Composition Setpoints.
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Figure 11. Steady State Bottom's Composition Error 
for Brosilow's Estimator for Changes in 
Bottom's Composition Setpoints.
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Table 3. Bros!low1s Linear Estimators
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However, the steady state bottom's product composition 

error is significant for changes in bottom's product 

composition set points when using Brosilow’s estimator. 

6.4. Steady State Composition Error for Approximate 

Estimators

To construct approximate estimators for distillate 

composition control, sets of values of column tray tem­

peratures and corresponding reflux flow rate were ob­

tained for feed composition changes from -10 to +10 per­

cent in steps of 2 percent. Then the tray temperatures 

were expressed as a polynomial function of reflux flow 

rate (as described in Chapter 5) using least square 

criterion.

Table 4 lists the approximate estimators constructed 

for distillate composition control. Figure 14 and Figure 

15 show the steady state distillate composition error for 

changes in feed composition for different approximate 

estimators.

To construct approximate estimators for dual compo­

sition control, tray temperatures and steam flow rates 

were expressed as polynomial functions of reflux flow 

rate using a least square criterion.

Table 5 lists the approximate estimators constructed 

for dual composition control. Figure 14, Figure 15, 

Figure 16 and Figure 17 show steady state composition 

errors for changes in feed composition for the approximate
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Figure 14. Steady State Distillate Composition error for AE1 Estimator 
and Brosilow's Estimator for Changes in Feed Composition
(Dual Composition Control)
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Figure 17. Steady State Bottom's Composition Error for AE3 and AE 
Estimators for Changes in Feed Composition (Dual
Composition Control)
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estimators described in Table 4.

All the approximate estimators designed use optimum 

tray temperature measurements.

The steady state composition errors for approximate 

estimators are very small for feed composition changes. 

It was found that the steady state composition error for 

AE2 estimators are almost identical to that for AE1 

estimator of the same order. The higher the order of the 

approximate estimators, the smaller the steady state 

composition error for feed composition changes.

6.5. Steady State Composition Error for Nonlinear 

Rigorous Estimators

The first step in selecting optimum tray temperatures 

for rigorous estimators is to investigate the sensitivity 

of REI. estimators to measurement errors.

Figure 18 represents sensitivity analysis for REI 

estimator to estimate distillate composition. 1% measure­

ment error in process flow rates and ,1°C tray temperature 

measurement error was assumed.

Figure 19 represents sensitivity analysis of RE1 

estimator to estimate bottom's product composition for 

1% measurement errors in process flow rates and 1°C tray 

temperature measurement error.

Tray 14 temperature was selected as an optimum tray 

temperature for REI estimator to estimate distillate com­

position. Temperatures of trays 12, 14, 16 and 18 were 
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%

Figure 18. Sensitivity Analysis for Binary Methanol/Water Column for 
REI Estimator (Distillate Composition Control) 
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selected as optimum tray temperatures for RE2 and RE3 

estimators to estimate the distillate composition.

Tray 4 temperature was selected as an optimum tray 

temperature for RE1 estimator to estimate bottom's pro­

duct composition. Temperatures of trays 2,3,4 and 5 were 

optimum tray temperatues selected for RE2 and RE3 esti­

mators to estimate the bottom's product composition.

Rigorous estimators would not give any steady state 

product composition errors for changes in feed stream 

parameters and/or composition set point changes assuming 

no modelling or measurement errors.

Figure 20 and Figure 21 show the sensitivity of REI 

estimator to changes in column parameters. The column 

parameters considered were tray efficiencies, tray heat 

losses and tray pressure drops.

The rigorous estimators are very sensitive to changes 

in tray efficiencies but relatively insensitive to changes 

in tray heat losses and tray pressure drops.

6.6. Discussion of Results

For the binary methanol/water column, the steady state 

product composition errors associated with estimator based 

control schemes are negligibly small compared with con­

ventional control strategy of controlling a tray tempera­

ture for changes in feed composition.

Large steady state bottom's product composition 

errors were observed in case of Brosilow's linear esti-
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Figure 20. S en sitiv ity  o f  REI Estimator to Modelling Errors for 

Methanol/Water Column (Bottom's Product Composition
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mator for changes in bottom’s composition set points. 

The rigorous estimators are superior to Brosilow’s 

linear estimator in this respect.
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7. DYNAMIC SIMULATION

The techniques using composition estimation were 

tested on the dynamic model of the column. The objective 

of the study was to compare the effectiveness of various 

estimators and to compare conventional feedback control 

schemes with inferential control techniques using esti­

mators .

The column was subject to feed composition step dis­

turbance (-5 percent) when the control objective was dis­

tillate composition control or dual composition control. 

The column response was also studied for setpoint changes 

in bottom’s product composition.

7.1 Dynamic Model

The model involves tray to tray energy and material 

balances. Additional assumptions besides those made in 

static model were i) negligible vapor holdup, ii) dead 

time in reflux piping and reboiler. The differential 

equations describing the column were integrated 

using simple Euler's integration algorithm. Details 

of the computational procedure are given in a thesis 

by Tyreus (10).

To evaluate the accuracy of the dynamic model des­

cribed, simulated transient responses and dynamic respon­

ses of the experimental column were compared for a i) step 

disturbance in reflux flow rate, ii) step disturbance in 

steam flow rate.
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Figure 22 shows the transient tray temperature re­

sponses for a step change in reflux flow from .495 gpm to 

.55 gpm. Figure 23 shows the transient tray temperature 

responses for a step change in steam flow rate from .358 

kg/min to .382 kg/min. The agreement between the simu­

lated and experimental dynamic responses is good.

7. 2 Distillate Composition Control

The control objective is to maintain the distillate 

composition on target value in face of a step change in 

feed composition (-5 percent) by manipulating reflux flow 

rate. Reboiler heat load is constant.

The conventional feedback control schemes explored 

were i) direct distillate composition control assuming no 

measurement lags, ii) controlling column overhead vapor 

composition, iii) controlling a tray temperature in the 

rectifying section.

The inferential composition control was achieved by 

controlling the value of * (described in Table 2) for 

approximate estimators.

In case of Brosilow's linear estimator and rigorous 

estimators, the estimated distillate composition was 

controlled.

The transfer functions of controlled variables with 

respect to reflux flow rate were obtained by pulse test­

ing the dynamic model and subsequent fourier analysis of 

the transients.
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Figure 22. Transient Tray Temperature Responses for a 
Step Change in Reflux Flow Rate
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Figure 23. Transient Tray Temperature Responses for a 
Step Change in Steam Flow Rate
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In case of rigorous estimators, the transfer function 

for estimated distillate composition with respect to re­

flux flow rate could not be defined in terms of first 

order or second order lag with dead time. Typical Bode 

plots for the transfer function for REI estimator are 

shown in Figure 24. A first order lead time appears to 

be present. This means more stable closed loop control 

system. '

The PI controller settings for conventional control 

schemes were calculated using process transfer functions. 

The controller reset time was determined based on Ziegler- 

Nichol’s criterion. The controller gain was calculated so 

that the damping coefficient was 0.5 in frequency domain.

For approximate estimators and Brosilow's linear 

estimator, the controller reset time was calculated in 

similar fashion. In case of AE1 and AE2 estimators, the 

control system was found to be closed loop stable for all 

values of controller gain. In case of AE3 estimator, 

AE4 estimator and Brosilow’s linear estimator the response 

of the simulated nonlinear column was over damped if con­

troller gain was selected such that damping coefficient 

was 0.5. Hence, the controller gains for these estimator 

based control schemes were determined by further tuning 

of the controller using simulated response of the column.

The PI controllers for control schemes based on 

rigorous estimators were tuned by trial and error using 
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simulated response of the column.

Table 6 shows the transfer functions and controller 

settings used for the control schemes described.

Figure 25 shows the open loop response of the column 

subject to a feed composition disturbance of -5 percent. 

Figure 26 shows the responses of the column for conven­

tional composition control strategies. Figure 27 and 

Figure 28 shows the responses of the column for estimator 

based control schemes.

In general, the control achieved by using estimator 

based inferential control schemes is superior compared 

with conventional control schemes. The control system is 

more stable and steady state composition errors are negli­

gible. However, poor control is achieved when RE2 esti­

mator based control scheme is implemented due to dynamics 

of the column. The control systems based on REI and RE3 

estimators are more stable compared to control systems 

based on other estimators.

7.3. Bottom's Product Composition Control

The bottom's product composition control was a­

chieved by manipulating steam flow rate (reflux flow 

rate is constant).

The responses of the column for a step change in 

bottom's product composition setpoint using control 

schemes based on i) Tray 4 temperature control, ii) Bro- 

silow's linear estimator, iii) REI estimator, iv) RE3 

estimator were compared. ftn



(UOUOOJJ a|0«)N0iliS0dW03 31VmiSIQ

o> 
8

m 
<o 
O)

J. 

co 
m

m 
CM
<u
I

Pm

s 

s

&

co 

co

M 
O

CM 

I 

o
U

O) 
5

»M 
° C 

<U O 
CO -H 
S 4J 
O -M 
CU CO 
CO O 
S B 

o

o
O ns 

h4 <U
<U 

§fe 

&5

Jo 

0) 
in 
m

T
IM

E
(M

in
)

in 
CM

8

0)

81



m 

»

Figure 26. Response of the Column for Conventional 
Control Schemes for a Step Change in Feed 
Composition (Distillate Composition 
Control)
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Figure 27. Dynamic Responses of the Column for Approxi­
mate Estimator Based Control Schemes (Dis­
tillate Composition Control) for a Step 
Change in Feed Composition
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Figure 28. Dynamic Responses of the Column for Bro- 
sflow's Linear Estimator and Rigorous 
Estimators Based Control Schemes (Dis­
tillate Composition Control) for a Step 
Change in Feed Composition
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Table 6. Transfer  Functions w ith  Respect to  Reflux  Flow Rate and C ontro ller  S ettin g s  

for  Various D is t i l la t e  Compbaition Control Schemes
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For the tray 4 temperature control, the tray 4 tem­

perature setpoint change corresponding to the step change 

in bottom’s composition setpoint was calculated using 

the steady state model of the column.

The process transfer functions and controller set­

tings were obtained by the same procedure as described in 

the previous section. Table 7 lists the transfer func­

tions and controller settings.

Figure 29 shows the responses of the column for the 

control schemes described.

Poor control was observed for control scheme based 

on Brosilow's linear estimator because of large steady 

state composition error.

7.4. Dual Composition Control

Dual composition control was achieved in face of 

-5 percent step change in feed composition by manipu­

lating reflux flow rate and steam flow rate simultaneous- 

iy-

The responses of the column for inferential composi­

tion control techniques based on 1) controlling two tray 

temperatures, 2) Brosilow’s linear estimator, 3) approxi­

mate estimators, 4) rigorous estimators REI and RE3 were 

compared.

In case of Brosilow’s linear estimator and rigorous 

estimator based control schemes, the estimated distillate 

composition and estimated bottom’s product composition
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Figure 29. Dynamic Responses of the Column for Various 
Composition Control Schemes (Composition
Setpoint Change)
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were controlled by manipulating reflux flow rate and steam 

flow rate, respectively.

For approximate estimator based control schemes, the 

value of $ (as defined in Table 4) was controlled by - 

manipulating reflux flow rate while varying steam flow 

rate as a predetermined function of reflux flow rate.

For approximate estimators, the transfer functions 

for ÿ with respect to reflux flow rate were obtained by 

pulse testing (steam flow rate also pulsed as a predeter­

mined function of reflux flow rate simultaneously) and 

subsequent fourier analysis. The PI controller reset time 

was determined using Ziegler-Nichol’s criterion. The 

controller gain was selected such that damping coefficient 

was 0.5. However, the response of the column was over­

damped. The controller settings were further tuned by 

trial and error using simulated response of the column.

For other control schemes, the controller settings 

obtained by independent tuning of the top and bottom 

control loops were used (using the procedure described in 

previous sections). Although the individual control loops 

are closed loop stable, the overall closed loop control 

system may not be necessarily stable due to interaction " ! 

between control loops. The stability of the closed loop 

control system depends on the characteristic equation.

1 + G = 0
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where

g - b1pu+b2p22+b1b2(pup22-p12p21)
where -

(S) Transfer function for the top loop controller

B^(2) Transfer function for the bottom loop

controller

*11(8), ?21^^ are transfer functions for the top 

loop and bottom loop control variables with respect to 

reflux flow rate.

^21 and are transfer functions for top loop 

and bottom loop control variables with respect to steam 

flow rate.

Table 8 and Table 9 list the process transfer func­

tions and controller settings for dual composition control 

schemes.

The stability of the closed loop control system for 

control schemes i) controlling two tray temperatures, and 

ii) based on Brosilow’s linear estimator was verified by 

making Nyquist plots for G as shown in Figure 30 and 

Figure 31.

Figure 32 to Figure 35 show the simulated responses 

of the column for various control schemes described. 

The disturbance was -5 percent step change in feed compo­

sition.

It can be concluded that dual composition control 

can be achieved by using estimator based control schemes.
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Figure 30. Nyquist Plot of G for Control Scheme 
Involving Control of Two Tray Temperatures
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Figure 31. Nyquist Plot of G for Control Scheme Based 
on Brosilow’s Linear Estimator (Dual 
Composition Control)
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to  Reflux  Flow Rate and C ontro ller  S ettin g s
Control)

C ontroller  S ettin g s
F -notU n  Cal„ „  Tl„  -

7 ^ 3 ----- --------------------------- —
(6È+1) gmole/min 1.044 1.73
37e- ° C

(5 5&+1) gmole/min

0053e Diol e  fra c tio n
1 Rmole/min

Estimated Bottom's nnoa - 8 5 S  , L '
Composition 4 ^ 3 e  -----  mole fra c tio n

____ _______________ __ ____________________  (6.2S+1) gmole/min
*AEl Estim ator, 2nd _a  at* - 48 or" t o  - 7 5 S H F -  " 38 ÜSTCTHn "  0 .5

"  0 5

order__________________________________ ^ i ^ / m i n ____________ 12 0 .5

*AE4 Estim ator, 2 23e~ °C
Three Temperatures________________________________  7573S+1) gmoTe/min A8 0 5

REI Estimator Estimated D is t i l la t e
Composition 360. 0 .5

RE3 Estimator______________ »___________»____________ lfl0 O 75

*As defined  in  Table 3.
**The u n its  are recip roca l  o f  the u n its  for  the corresponding tra n sfer  function .

i

Table 8. Process Transfer Functions w ith  Respect 
for  Top Control Loops (Dual Composition  

Control Scheme Process Variable  1

C ontro lling  Tray 4 Tray 17 Temperature •

and Tray 17 Tem- ________ ________  "

peratures „ . „
Tray 4 Temperature -

_______________________ 1 

BrosHow's Linear______Estimated D is t i l la t e  .

Estim ator Composition  Ï
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The control achieved by estimator based control schemes 

is more stable than the control achieved by controlling 

two tray temperatures. The steady state composition 

errors in face of feed composition disturbances are al­

most nonexistent for estimator based control schemes.
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8. DESCRIPTION OF THE EXPERIMENTAL SYSTEM

The experimental setup consisted of a distillation 

unit interfaced with a POP 11/40 computer. The distilla­

tion column was a pilot scale, 24 tray, 8" I.D. column 

separating methanol/water mixture at atmospheric pres­

sure. The trays were bubble cap trays separated by six 

inches. The column is equipped with a vertical thermo- 

syphon reboiler, feed preheater, overhead total condenser 

and a reflux drum. Figure 36 shows the distillation co­

lumn with basic feedback control loops.

The product compositions were controlled by cascade 

control of tray 17 and tray 4. Two pneumatic 

temperature transmitters were used to measure the tem­

peratures. The pneumatic cascade controllers were ca­

pable of controlling a tray temperature, the process flow 

rate or the valve position. The distillate composition is 

continuously monitored by a Princo Densitrol. The process 

flow rates were measured with pneumatic integral orifice 

/differential pressure flow transmitters. Thermocouples 

were used to measure six tray temperatures, feed tempera­

ture and reflux temperature, which were recorded on a 

multipoint temperature recorder. Four process flow rates 

(reflux, distillate, steam and bottom's), distillate com­

position and bottom's level were continuously recorded.

The DEC POP 11/40 computer used in this study has 

16K core memory and moving \ead RK11 disk. The peripheral 
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Figure 36
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devices include decwriter, card reader and high speed 

paper tape reader and punch. It has 32 analog input chan­

nels and four analog output channels. The computer uses 

DOS/BATCH monitor operating system. RSX11-B was the 

real time executive.

Twelve pneumatic signals (3-15 psig) from the column 

were converted to voltage signals (0-10 volts) using P/V 

transducers. Twelve thermocouple millivolts signals were 

(Fe/CO thermocouple, range 10°C to 110°C) converted to 

voltage signals (0-10V) by millivolt/voltage transducers. 

These analog voltage signals were fed to the A/D converter 

which was scanned by the computer. The computer sends 

analog voltage signals (0-10V) from D/A converters to 

V/P transducers which convert these signals to pneumatic 

signals (3-15 psig). Available instrumentation permits 

easy switch over from pneumatic control to computer con­

trol of two cascade control loops and two level control 

loops. In case of cascade control loops, master control 

loop is put on sample data control and the setpoint sig­

nals are sent to pneumatic flow controllers.
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9. EXPERIMENTAL RESULTS .

The experimental system was tested for bottom's 

product composition setpoint changes for i) REI estima­

tor based control scheme, ii) Brosilow's linear estima­

tor based control scheme.

It was shown by simulation studies that the rigo­

rous estimator based control schemes had a clear advan­

tage over Brosilow1s linear estimator based control scheme 

for bottom’s product composition setpoint changes. The 

latter control scheme showed large steady state product 

composition deviations. The objective for the experimen­

tal study was to verify these simulation results and ac­

tually test the feasibility of estimator based control 

schemes on the experimental system.

The reflux flow rate and steam flow rate were main­

tained constant by flow control until steady state was at­

tained . A bottom’s product composition setpoint step 

disturbance from approximately 5 mole percent to .5 mole 

percent was given. The steam flow rate is manipulated 

such that the estimated bottom’s product composition fi­

nally equals 0.5 mole percent. The reflux flow rate was 

maintained constant throughout.

The noise in the secondary process measurements used 

in these control schemes was filtered using a digital 

filter with a first order lag of 1 min. The equation re­
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presenting the digital filter is as follows.

xn = (2t+T) Xn-1 + (2t+T) ^Qn+Qn-1^

where

xn = Digital filter output at t = nT

Qn = Digital filter input at t = nT 

t = Digital filter first order lag 

T = Sampling period.

For Brosilow's linear estimator, the temperatures of 

trays 5, 8 and 17 were continuously sampled every ten 

seconds. The perturbations in the tray temperatures were 

calculated. The perturbation in the steam flow rate was 

assumed to be equal to change in steam flow rate setpoint 

to the flow controller from the steady state value. The 

initial steady state bottom's product composition was ob­

tained by withdrawing a sample from the line. The esti­

mated bottom's product composition was obtained from the 

bottom's product composition perturbation calculated from 

perturbations in tray temperatures and steam flow rate. 

A sampling period of ten seconds was used. The controller 

gain of 17.6 ^l^fr^ction and ^set time 0.5 min. as ob­

tained from simulation studies gave satisfactory dynamic 

response on the experimental system.

For rigorous estimator, the bottom's product composi­

tion, steam flow rate, bottom's flow rate and tray 4 tem­

perature were measured initially at steady state. These
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initial measurements were adjusted slightly so that they 

are consistent with steady state model of the column. 

These are referred to as initialized secondary measure­

ments . The tray 4 temperature and bottom’s flow rate 

were continuously sampled. The perturbations in tray 4 

temperature and bottom’s flow rate were calculated. The 

perturbation in steam flow rate was assumed to be equal 

to the change in steam flow rate set point to the flow 

controller from the steady state value. The actual value 

of the secondary measurements were assumed to be equal to 

the initialized value of the secondary measurements plus 

the perturbation in the secondary measurements. The 

bottom’s product composition was estimated using KEI es­

timator from the actual values of secondary measurements. 

The program executes within 4K, 16 bit memory. It was 

found that computer calculation time for RE1 estimator 

varied from 5 to 25 seconds. Hence, a variable sampling 

period equal to the computer calculation time plus ten 

seconds was used in the control algorithm. It was found 

that the control system was almost undamped when the con­

troller gain of 50.4 diffraction and reset time 

of 0.5 min. as obtained from simulation studies were 

used. The controller gain was reduced to 22.7. This 

gave a stable, underdamped response.

The experimental results are plotted in Figures 37, 

38 and 39. The bottom's product composition was calcu­

lated from reboiler temperature. The recorded reboiler 
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Figure 37. Bottom's Product Composition Response for a Step Change 
in Bottom's Product Composition Setpoint (Experimental).
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temperature showed a cyclic, low frequency disturbance as 

shown in Figure 40. This is reflected in bottom's product 

composition calculated from the reboiler hold up tempera­

ture.

The sampled-data control programs for both control 

schemes are given in Appendix D. The final steady state 

bottom's product composition for both control schemes 

was obtained by withdrawing a sample from the line. The 

final bottom's product composition of 2.1 percent was ob­

tained for Brosilow's linear estimator and 0.8 percent was 

obtained for REI estimator.

The experimental results essentially reinforce the 

simulation results which showed that rigorous estimator 

based control scheme was more stable and had a smaller 

steady state composition error for change in bottom's 

product composition set point compared to Brosilow's li­

near estimator based control scheme. Theoretically, ri­

gorous estimator based control scheme should not show any 

steady state product composition error. However, the 

steady state composition error of 0.3 percent observed 

experimentally can be attributed to change in column 

parameters and experimental inaccuracies.
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Figure 40. Reboiler Holdup Temperature Disturbance 
(Startup of the Column).
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10. DISCUSSION AND CONCLUSION

The composition control achieved by using estimator 

based composition control schemes is superior to that 

achieved with conventional control schemes.

For the particular experimental system studied, the 

performance of the control scheme based on Brosilow’s 

linear estimator was satisfactory in face of feed compo­

sition and distillate composition set point disturbances. 

However, it showed large steady state composition devia­

tions for bottom’s product composition set point distur­

bances . Such a control scheme is likely to give large 

steady state product composition errors for a nonlinear 

system subject to large load disturbances. Besides, Bro- 

silow’s linear estimators have to be reconstructed if 

column parameters change significantly.

Control schemes based on approximate estimators per­

formed satisfactorily in face of feed composition distur­

bances . Approximate estimators are designed to handle 

column nonlinearities in face of feed composition changes. 

However, they are less flexible in the sense that no com­

position set point changes can be given. Also, the ap­

proximate estimators have to be reconstructed if the 

column parameters change significantly.

The control schemes based on rigorous estimators 

(REI and RE3) performed satisfactorily in face of feed 

composition or set point changes. Rigorous estimators 
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have certain important advantages over other estimators. 

Since they are based on a fundamental steady state dis­

tillation column model, they are better suited to handle 

column nonlinearities. They are easy to implement and to 

modify if column parameters change. One important draw­

hack is large amount of computations required. However, 

this should not be a serious problem considering the 

sophistication of modern control computers. RE3 rigorous 

estimator would perform better than KEI rigorous estima­

tor when the column temperature profile is likely to 

change significantly.

There is a predictive feed forward control action 

associated with estimator based control schemes. This 

results in a composition control more stable and superior 

to that attained with instantaneous product composition 

measurement.
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11. RECOMMENDATIONS FOR FURTHER RESEARCH

Feedback control systems are designed using the 

process transfer functions and/or on line tuning of the 

controllers. The process is subject to random input dis­

turbances and set point changes. Some system parameters 

may deviate from the steady state values based on which 

the control system was designed. Control system perfor­

mance would deteriorate if these deviations are large, 

especially if the sensitivity of the control system to 

these system parameter variations is high.

In case of a distillation column, system parameters 

like tray efficiencies, tray pressure drop, column heat 

losses, etc., are subject to variations due to changing 

environment. This could cause large steady state product 

composition errors and/or unsatisfactory transient re­

sponse in face of input disturbances and/or set point 

changes.

In general, a fruitful area of research would be to 

modify product composition control strategies to handle 

changes in column parameters. The first step would be to 

modify the estimator based control strategies to reduce 

steady state product composition error in face of column 

parameter changes.

Brosilow’s linear estimator is based on static 

linear model of the distillation column which relates per­

turbations in output variables to perturbations in input 

113



variables. Finally, perturbation in product composition 

is expressed as a linear function of perturbations in 

measurable input disturbances and tray temperatures. The 

static linear model of the column can be modified to 

relate perturbations in output variables to perturbations 

in input variables and important column parameters. (The 

word "important" is used in the sense that expected 

variations in this system parameter could cause signifi­

cant changes in the output variables.) Then, the pertur­

bation in the product composition can be expressed as a 

linear function of perturbations in measurable input 

variables and column parameters, and selected tray 

temperatures.

In case of approximate estimators, the tray tempera­

tures were expressed as a polynomial function of reflux 

rate/feed rate ratio for a binary column. However, for a 

binary column subject to parameter variations, the tray 

temperatures can be expressed as a nonhomogeneous poly­

nomial function of relux rate/feed rate ratio and column 

parameters. If this polynomial involves n terms, then 

the function (as described in AE4 estimator) can be 

defined as a linear function of n tray temperatures. In­

direct composition control is achieved by controlling the 

value of *.

Compared to other estimators, rigorous estimators 

possess high degree of flexibility. Tray efficiencies
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and column heat losses are unmeasurable column parameters 

ect to change. It was shown that the rigorous estima­

tors are sensitive to tray efficiencies and relatively 

insensitive to changes in tray heat losses.

If three secondary measurements, say two process flow 

rates and a tray temperature, are known, the produce com­

position in that section can be estimated. Now, if tray 

efficiency in the section is not known, the degree of free­

dom of the system is reduced by one. Knowledge of one ad­

ditional tray temperature completely specifies the system.

The rigorous estimators would involve two dimensional 

search to determine a set of values of tray efficiency and 

produce composition that satisfy the two temperatures and 

two flow rates measured.

One way to accomplish this is to guess the value of 

tray efficiency in the section. The estimated produce 

composition for one tray temperature is calculated as de­

scribed in KEI estimator. Similarly, another product com­

position estimate for another tray temperature is obtained. 

The difference between the two composition estimates is 

compared and a new value of tray efficiency is guessed. 

This procedure is repeated, using interval-halving search 

method to determine the tray efficiency for which the dif­

ference between the two composition estimates is less than 

the error criterion. Although this technique is worth in­

vestigation, it is likely to run into trouble because of 

column dynamics. This technique is referred to as modi-



fied REI estimator.

Another technique is based on RE3 estimator which in­

volves one dimensional search to determine product compo­

sition for which the summation of the squares of differ­

ences between calculated and recorded tray temperatures is 

minimised. This is based on the assumption that the tray 

efficiency in the section is known. Assuming the tray 

efficiency is not known, a two dimensional search can be 

made to determine a set of values of tray efficiency and 

product composition which minimises the sum of square of 

difference between recorded and calculated tray tempera­

tures . This technique is less likely to run into diffi­

culty due to column dynamics. This is referred to as modi­

fied RE3 estimator.

Both the above mentioned modified rigorous estimator 

techniques are expected to require a large amount of compu­

tations . In certain cases, it may be advisable to develop 

a real time task which, after verifying that the column is 

at steady state, calculates tray efficiency in the section 

using one of the two modified rigorous estimators at speci­

fied interval of time or at operator's command. Then the 

tray efficiency is updated in another real time task which 

controls product composition using a rigorous estimator.

To obtain satisfactory transient response, the con­

troller settings would have to be continuously adjusted 

with changing environment. This can be best accomplished 
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by an adaptive control scheme.

Another area of fruitful research would be to extend 

rigorous estimators to multicomponent columns.

Consider a multicomponent column with n components. 

Theoretically, if at least (n-1) tray temperatures and 

two process flow rates are known in a section of the co­

lumn, the product composition in that section is fixed. 

Conversely, if the product composition and two process 

flow rates are known in a section of the column, the 

temperature profile in that section of the column can be 

constructed. The computational procedure similar to that 

used for modified REI and RE3 estimators can be used to 

determine product composition. However, (n-1)dimen­

sional search would be necessary to determine product 

compositions. This could get computationally complex and 

time consuming for a column with a large number of compo­

nents . Some simplifying assumptions based on individual 

nature of the column might be necessary.
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APPENDIX A

PHYSICAL DATA

Enthalpy

Vapor Phase ENTV = 11440 - 1990 Y (cals/gmole)

Liquid Phase ENTL - 1800 - 2433 :: + 1753 X2

(cals/gmole)

Specific Heats

Water

CP^ = 18.016 cals/gmole 

Methanol

CP^ = 22.4 cals/gmole

Density-Temperature Relation

Water

= 1.00523 - 2.135 x 10"4 x t - 2.55 x 10-6 x t2 

. (gm/cc)

Methanol

PM = 0.8099 - 9.253 x 10~4 x t - 7 x 10"7 x t2 

(gm/cc)

where

t is temperature in °C.

Vapor Pressure

Expressed as 
^i 

£n P^ =

Water

A2 = -4981.036

B2 = 13.3486
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Methanol

Ax = -4386.934

. Bi = 12.9848

where

p is in atmospheres and T is in °K.

Vapor-Liquid Equilibrium

The equilibrium vapor composition is calculated 

from liquid composition by calculating activity coeffi­

cient using Van-Larr equations.

An
fl_______

B1 X2,2

where

= 0.9

Bi - 0.48

%1 = Mole fraction of methanol

Xg = Mole fraction of water

Y1 = Activity coefficient for methanol

Y2 = Activity coefficient for water
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APPENDIX B

RIGOROUS ESTIMATORS

A. Steady State Equations

A representative binary column with one feed and no 

side streams is shown in figure B-1.

Overall material balance around envelope 1

Vn = \+l+D CD

Component material balance around envelope 1

VYn " Ln+rxn+l +

Energy balance around envelope. 1

Yn'Hn = Ln+l'hn+1 + O-hQ + + (m-n)-QL (3)

From Eq. (1), Eq. (2), and Eq. (3)

n xn+l rQC+<NT-n)TQL “ . . .
( ---g - hn+l + V

(4)

Condenser material balance

Vju - r + o (5)

Condenser energy balance

VNT’HNT = <R + D)*hD + Qc (6)

From Eq. (5) and Eq. (6)

Qc = (R+D)(HOT-hD) (7)

Murphree Efficiency in rectifying section

Y-Y„ i
EFFR = A g'1 (8)

n n-1
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Figure B-l. Binary Distillation Column.
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On simplifying Eq. (8)

Y = (1 - EFFR) e Y , + EFFR • Y * 
11 n-1 n

Overall material balance around envelope 2

& = \-l - B

Component material balance around envelope 2

& ' = ^K+l ’ XK+1 " B ’ XB

Energy balance around envelope 2

' »K = 4c+l ' \+l - B - h, + Qg - (K) • QL

from Eq. (10, Eq. (11) and Eq. (12)

YK xK+1
(Hr - hK+1)(XK+1 - XB) 

ob-(K)-ql —
B + ^+1 ” hB^

Eq. (13) can be simplified for reboiler

= =1 +
(Hg

(E~ + .

Murphree efficiency in the stripping section.

Eq. (15) can be simplified to

Yr - (1 - EFFS) • YK-1 + EFFS • YR* 

Murphree efficiency for the reboiler gives

Yr = (1-EFFS) • XR + EFFS • Y * 
D D D

(9)

(10)

(11)

(12)

(13)

(14)

(15)

(16)

(17)

122



B. Distillate Composition Estimation

B-l. REI Rigorous Estimator

If 1) rectifying section tray efficiency, 2) tray 

pressures, 3) tray heat losses, and 4) reflux temperature 

are known, then reflux rate, distillate rate and a tray 

temperature (i^ tray) in rectifying section are required 

to estimate the distillate composition, 

th
1) Using i tray temperature, calculate x^ using 

equilibrium data.

2) Make an initial guess for x^.

3) Calculate condenser heat load using Eq. (7),

4) Since x^ is known, can be calculated using 

Eq. (4) by trial and error.

5) Calculate using Eq. (9).

6) Since Y^ is known, x^^ can be calculated using 

Eq. (4) by trial and error.

7) Calculate Y^^ using Eq. (9) .

8) Repeat steps 6) and 7) working up the column 

until Y^ is computed.

9) Compare the calculated Y^ with the guessed x^. 

If the difference is larger than the error criterion, 

make another guess for x^ using interval having technique.

10) Repeat steps 3) to 9) until the difference be­

tween calculated Y^ and xD is less than the error 

criterion.
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B-2. RE3 Rigorous Estimator -

It is assumed that reflux rate, distillate rate and 

a number of tray temperatures in the rectifying section 

are known.

1) Make an initial guess for x$.

2) Make an initial guess for xNF+p and calculate 

^24 by the procedure described in KEI estimator (steps 

4) to 8)).

3) If the difference between calculated and 

XD i-s greater than the error criterion, make another guess 

for x^p+p and repeat the procedure until the difference 

between calculated and x$ is less than the error 

criterion.

4) Calculate defined as the sum of squares of 

differences between calculated tray temperatures and 

measured'tray temperatures.

5) Guess a new value of xQ and repeat steps 2) to 

4), if the difference between two successive values of 

ip is greater than the error criterion.

6) Repeat the procedure using interval halving 

technique, until the difference between two successive 

values of ip is less than the error criterion. (The ob­

jective is to determine the value of x^ which minimizes ip.) 

C. Bottom's Product Composition Estimation 

C-1. REI Rigorous Estimator

If 1) stripping section tray efficiency, 2) reboiler 
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heat loss, 3) tray heat losses, and 4) tray pressures are 

known, the bottom's product composition can be estimated

from the knowledge of steam flow rate, bottom's flow rate 

thand a tray temperature (j n tray) in the stripping section.

1) Calculate the effective heat input QB using 

steam rate and reboiler heat loss.

2) Make an initial guess for Xg.

3) Calculate Yg using Eq. (17).

4) Calculate using Eq. (14), since Yg is known.

5) Calculate Yp using Eq. (16).

6) Calculate x^ using Eq. (13) , since Y^ is known.

7) Repeat steps 5) and 6) working up the column, 

till Xj

8)

is calculated.

Calculate j tray temperature from Xj using

equilibrium relationship.

9) If the calculated and recorded value of jtray 

temperature differs more than the error criterion, make 

a new guess for Xg.*

10) Repeat the procedure, till the difference be­

tween calculated and recorded values of j n tray tempera­

ture is less than the error criterion.

C-2. RE3 Rigorous Estimator

It is assumed that steam flow rate, bottom's flow 

rate and a number of stripping section tray temperatures 

are known.

1) Calculate the effective heat input Qg using 
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steam flow rate and reboiler heat loss.

2) Make an initial guess for Xg.

3) Following the procedure described in REI rigo­

rous estimator (steps 3) to 8)), the tray temperatures 

in the stripping section can be calculated.

4) Calculate , defined as the sum of squares of 

differences between calculated and recorded tray tem­

peratures and guess a new value for xn if two successive
D 

values of ip differ more than the error criterion using 

interval halving technique.

5) Repeat the procedure using interval halving 

technique, until two successive values of ip differ less 

than the error criterion. The objective is to determine 

the value of x$ which minimizes ip.
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APPENDIX C

A. Experimental Data (Steady State No. 1)

Average operating conditions for Steady State No. 1 

are given.

Feed rate = 110.13 gmoles per minute.

Distillate rate = 40.26 gmoles per minute.

Reflux rate = 40.80 gmoles per minute.

Bottom’s rate = 69.32 gmoles per minute

Steam rate = 2.96 pounds per minute.

Distillate composition = 96.6 mole percent methanol.

Bottom’s product composition = 5.3 mole percent

methanol

Feed composition = 39.1 mole percent methanol

Reflux temperature = 49 degrees Celsius

Feed temperature = 60 degrees Celsius

Inlet steam pressure = 75 psig

Calandria steam pressure = 15 psig

Column pressure drop = 51 cms of water

Column base pressure = 1.5 psig

Stripping section tray efficiency = 40 percent

Rectifying section tray efficiency = 51 percent

Feed tray = 8

Reboiler holdup = 11.75 litres

Reflux drum holdup = 6.05 litres

Reflux piping holdup = 1.33 litres
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B. Experimental Data (Steady State No. 2)

Feed rate = .308 gallons per minute

= 134.68 gmoles per minute

Reflux rate = .44 gallons per minute

= 40.6 gmoles per minute

Distillate rate = .465 gallons per minute

= 34.7 gmoles per minute

Bottom’s rate = .53 gallons per minute

= 106.3 gmoles per minute

Steam rate = 1.47 kg per minute

Cooling water rate = 26 litres per minute

Feed composition = 27.8 mole percent methanol

Distillate composition = 97.7 mole percent methanol

Bottom’s composition — 4.3 mole percent methanol

Feed temperature = 60 degrees Celsius

Reflux temperature = 49 degrees Celsius

Cooling water inlet temperature = 7 degrees

Celsius

Cooling water outlet temperature = 30 degrees 

Celsius

Inlet steam pressure = 75 psig

Calandria steam pressure = 20 psig

Column base pressure = 1.35 psig

Column pressure drop = 45.8 cms of water

Feed tray = 8

Reboiler holdup = 11.75 litres

128



Reflux drum holdup = 6.05 litres

Reflux piping holdup = 1.33 litres

C. Material Balances

To make the overall mass and component material ba­

lances exact, the flow rates were slightly adjusted as­

suming the composition measurements are accurate. The 

adjusted flow rates are as follows.

Feed rate = 134.97 gmoles per minute

Reflux rate = 39.8 gmoles per minute

Bottom's rate = 100.97 gmoles per minute

D. Energy Balances

The column energy balance was used to compute the 

column heat losses.

Energy input to the column

= energy input from the steam stream

+ energy input from the feed stream

= 926.574 kcal per minute

Energy output from the column 

= energy output to heat the feed stream 

+ energy lost via cooling water 

+ energy output via bottom's stream 

+ energy output via distillate stream 

+ heat losses

= 805.872 + heat losses

Total heat losses = 120.702 kcal per minute

129



Energy input to the condenser

— energy removed to condense column overhead vapors 

and subcool to reflux temperature

= 646.446 kcal per minute

Energy output from the condenser 

= energy to preheat the feed stream 

+ energy lost via the cooling water stream 

+ condenser heat loss

= 609.135 + condenser heat loss

Condenser heat loss = 37.311 kcal per minute

Heat losses in the column plus reboiler

= 120.702 - 37.311 = 83.391 kcal per minute

Heat loss in the reboiler was assumed to be 33 per­

cent of heat losses in the column plus reboiler.

E. Column Efficiencies

From the recorded tray temperatures a stripping sec­

tion tray efficiency of 46.5 percent and rectifying sec­

tion tray efficiency of 56 percent was obtained.
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Variable Experimental Calculated

Feed rate 134.68 gmoles/min 134.97 gmoles/min

Distillate rate 34.7 gmoles/min 34.04 gmoles/min

Bottom’s rate 106.3 gmoles/min 100.97 gmoles/min

T2 87.8°C 87.7°C

?4 83.07°C 83.52°C

T7 81.14°C 81.1°C

T8 80.14°C 80.73°C

T10 78.1°C 78.01°C

t14 73.3°C 73.03°C

T20 68.7°C 68.3°C

T24 67.3°C 66.6°C

Reflux rate 40.6 gmoles/min 39.8 gmoles/min
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Figure C-1. Steady State Temperature Profile for 
the Column.
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Figure C-2. Steady State Tray Liquid Composition 
and Vapor Composition Profiles.
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APPENDIX D

A. Brosilow's Linear Estimator

C...TSK1 performs bottom's composition control using 

Brosilow's linear estimator

DIMENSION IMULT(3), IN(3), VAR(3), TSET(3), X(3)

DIMENSION T(3), VOLT(3)

COMMON/A/XBSET/XB,XKC,TI,TS,SF,T,IP,CALC

C...Temp. tray 5(channel 18), temp. tray 8(channel 15),

C...temp. tray 17(channel 23)

Data IMULT/18,15,23/

C...Initial data

ERINT = 0

XKC = 0.7

RESET = 30

IFLAG = 1

ICOUNT = 1

IP = 1

XB = .05

XBS = XB

XBSET = .005

TSI - 60.

TS = 10.

C...Brosilow’s linear estimator coefficients

Bl = -.0171193/3.234

B2 = -.0424033

B3 = .0387102
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B4 = .0011154

C...Maintain constant steam flow rate until steady state 

attained.

SF = 0.77*4.2

LOUT = 7.7*7.7/10.*204.7

C...Steam flow rate controller setpoint(channel 2)

201 Call AOUT(2,LOUT,IERR)

ITS = 30

Call WAIT (ITS,2,IERR)

IF(IP.EQ.l) GOTO 201

ITS = TS •

C...Scan analog inputs

1 Call AIRDW(3,IMULT,IN,ISTAT)

do 25 1=1,3

25 VOLT(I) = IN(I)/102.4

VAR(l) - 10.*VOLT(1)+11.5

VAR(2) = 10. *VOLT(2)+11.5

VAR(3) = 50. + 5. * VOLT (3)

IF(IFLAG.EQ. 1) GO TO 2

C...Digital filtering of input signals

Al = (2.*TS1-TS)/(2.*TS1+TS)

A2 = TS/(2.*TS1+TS)

T(l) = A1*T(1)+A2*(VAR(1)+X(1))

T(2) = A1*T(2)+A2*(VAR(2)+X(2))

T(3) = A1*T(3)+A2*(VAR(3)+X(3))

GO TO 3
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2 DO 31 1= 1,3

31 T(I) = VAR(I)

IFLAG = 2 .

3 DO 32 1 = 1,3

32 X(I) = VAR(I) 

ICOUNT = ICOUNT+1

IF(ICOUNT.NE.60) GO TO 4

C...Steady state values of tray temperatures and stem 

flow rate

DO 33 I = 1,3

33 TSET(I) = T(I) 

SFSET - SF

0...Composition setpoint change given after ten minutes 

4 IF(ICOUNT. LT. 61) GO TO 10

C...Estimate bottom’s composition

CALC = B1*(SF-SFSET)+B2*(T(1)-TSET(l))+B3*(T(2) 

-TSET(2))

+ B4*(T(3)-TSET(3)) 

XB = XBS+CALC 

ERROR = XB-XBSET

IF(SF.GT.3.78 AND ERROR GT. 0) GO TO 103

ERINT = ERINT + ERROR*TS*XKC/TI 

SF=SFSET+XKC*ERROR+ERINT

IF(SF.GT.3.78) GO TO 91

GO TO 92

91 SF=3.781
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SFSET=3.781

ERINT=O•

92 CONTINUE

C0UT=(SF/4.2)**2*10.

IF(COUT.GT.10.) COUT=10• 

I0UT=C0UT*204.7

C...Steam flow rate controller setpoint(channel 2) 

CALL AOUT(2,TOUT,1ER)

103 CONTINUE

10 CALL WAIT(ITS,2,IERR) 

GO TO 1

END

B. REI Rigorous Estimator

C. ..TSKI performs bottom’s composition control using 

REI rigorous estimator

DIMENSION IMULT(2),IN(2),VAR(2),Y(4),P(4),E(2),X(4),

Z(2)

COMMON/A/IP,T4,SF,XB

C...Temp. tray 4(channel 17) and bottom's flow rate 

(channel 23)

DATA IMULT/17,23/

C... Initial guess for tray compositions 

DATA X/.08,.13,.18,.23/

C...Enthalpy of saturated liquid 

ENTL.(X) = 1800. -2433. *X+1753.*X**2
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C...Enthalpy of saturated vapor 

ENTV(X) =11440.-1990.*X

C...Initialised values of tray 4 temp., bottom's flow 

rate and steam flow rate 

140=82.7371

B0=.53*.53*10.

SFO=3.234

C...Initial data

ERINT=0

XKC=0.9

TI=30 .

XB=.05

XBSET=.005

IFLAG=1

ICCUNT=1

IP-1

TS1=6O.

TS=10

EFFS=.459

C... Calculate tray pressures

Pl=l.35

DP=. 6

P1=1.+P1/14.7

DP=DP*50./(32.*12.)

PB=P1

DO 351=1,4
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35 P(I)=P1-FLOAT(I)*DP/24.

XBSET=XB

QLT=83392

SFSET=3.234

C...Maintain constant steam flow rate until steady state 

attained

IOm=. 7 7*. 7 7*10. *204.7

C...Steam flow rate controller setpoint(channel 2)

201 CALL AOUT(2,TOUT,1ER)

CALL WAIT(30,2,TERR)

IF(IP.EQ.1) GO TO 201

ITS=TS

C...Scan analog inputs

31 CALL AIRDW( 2, IMULT, IN, ISTAT)

VAR(l)=10.*IN(l)/102.4+11.5

VAR(2)=IN(2)/102.4

IF(IFLAG.EQ.l) GO TO 41

C...Digital filtering of input signals

A1=(2.*TS1-TS)/(2.*TS1-TS)

A2=TS/(2.*TS1+TS)

DO 32 1-1,2

32 E(I)=A1*E(I)+A2*(VAR(I)+Z(I))

GO TO 51

41 DO 42 1-1,2

42 E(I)=VAR(I)

IFLAG=2
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51 DO 52 1-1,2

52 Z(I)=VAR(I)

ICOUNT=ICOUNT+1

IF(ICOUNT.NE.60) GO TO 61

C...Steady state values of tray 4 temp., bottom's flow 

rate and steam flow rate

T41=E(1)

B1=E(2)

61 CONTINUE "

C...Composition setpoint change given after ten minutes 

IF(ICOUNT.LT.61) GO TO 15

C...Calculate actual values of tray 4 temp., bottom's 

flow rate and steam flow rate to be used for estima­

tor calculations

. T4=T40+(E(l)-T41)

BGPM=BO+(E(2)-B1)

BGPM=SQRT(BGPM/10.)

SFl=SFO+(SF-3.234)

C...Calculate value of XB for which the difference be­

tween calculated and recorded value of tray 4 temp. 

is less than error criterion 
V = T4

C...Error criterion

ERR=.0006

DB-.001

CPM—1.

CPL=-1.
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LOOP=1

CALL TICKS(INTI)

20 CALL EQUIL(XB,YB,TB,PB)

B=BGPM*RO ( XB‘, TB) *3 7 8 5.

C...Calculate reboiler heat input 

QB=SF1*13538. *60./3.234-0.33*QLT

C...Calculate tray heat loss

QL1=QLT*.666/24./B

DQB=QB/B-ENTL(XB)

C...Calculate reboiler vapor composition

YB-XB+EFFS*(YB-XB)

C...Calculate X(l) using value of YB by trial and error 

DX=.002

DXBGM—1.

DXBGP=-1.

1 YB1=X(1)+(ENTV(YB)-ENTL(X(1)))*(X(1)-XB)/(DQB+ENTL

(X(l)))

IF (ABS(YBl-YB).LT..000001) GO TO 2 

CALL ADJUST(YB1,YB,DXBGP,DXBGM,X(1),DX)

GO TO 1

C...Calculate Y(l) using value of X(l)

2. CALL EQUIL(X(1),YX,T,P(1))

Y(1)=(1.-EFFS)*YB+EFFS*YX

C...Calculate tray 4 temperature

DO 7 1=1,3

C...Calculate X(I+1) for a given value of Y(I) by trial 

and error ^41



10 DX=.002

CLAGM=-1.

CLAGP=-1.

3 YY=X(I+1)+(ENTV(Y(I))-ENTL(X(I+1)))*(X(I+1)-XB)/

(DQB+ENTL(X(1+1)) - -

1-QL1*FLOAT(I))

IF(ABS(Y(I)-YY).LT..000001) GO TO 4

CALL ADJUST(YY,Y(I),CLAGM,CLAGP,X(I+1),DX) 

GO TO 3

C...Calculate Y(I+1) using Murphree tray efficiency

4 CALL EQUIL(X(I+1),YX,T,P(1+1))

Y(I+1)=(1.-EFES)*Y(I)+EFFS*YX

7 CONTINUE

LOOP=LOOP+1

C...Compare recorded and calculated value of tray 4 temp.

IF (ABS (T-V) . LT. ERR) Go To 23

IF(LOOP.GT.35) GO TO 23

C...Make another guess for bottom's composition

CALL ADJUST(V,T,CPL,CPM,XB,DB)

GO TO 20

23 ERROR»-(XBSET-XB)

CALL TICKS(INT2)

C...Time required for estimator calculations

ITIME=INT2-INTI

TS=10.+FLOAT(ITIME)/60.

IF(SF.GT73.78.AND ERROR GT. 0) GO TO 15
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ERINT=ERINT+ERROR*TS*XKC/TI

SF=SFSET+XKC*ERROR+ERINT

IF(SF.GT.3.78) ERINT=O

IF(SF.GT.3.78) SFSET=3.781

IF(SF.GT.3.78) SF=3.781

COUT=(SF/4.2)**2*10.

IOUT=C0UT*204.7

C...Steam flow rate controller setpoint(channel 2)

CALL AOUT(2,TOUT,1ER) -

15 CALL WAIT(ITS,2,1ER)

GO TO 31

END

143



FUNCTION RO(X,T)

C...Calculates molar density(gmoles/cc) for given liquid 

composition temperature

RO=1. / (32.04*X/ ( . 80999- . 0009253*T- . 00000‘041*T**2)

+18.016*(l.-X)/I(100523-0002135

*T+.00000255*T**2))

RETURN

END

SUBROUTINE EQUIL(Xl,Y1,T,P)

C...This subroutine calculates the equilibrium vapor 

composition and temperature for a given liquid compo­

sition and total pressure

X2=l.-XI

LOOP=1 -

GAM1=EXP(0.9*X2**2/(0.9*X1/O.48+X2)**2)

GAM2=EXP(0.48*X1**2/(Xl+0.48/0.9*X2)**2)

T=64.7*X1+1OO.*X2

T=T+273.15

1 CONTINUE

P1=EXP(-4386.9/T+12.9848)

P2=EXP("4981.036/T+13.3486)

ERR=P - GAM1*X1*P 1 - GAM2*X2*P 2

Tl-T

LOOP=LOOP+1 -
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IF(LOOP.GT.5O) GO TO 4

DER-GAM1*X1*P1* 4386.9/T**2 +GAM2*X2*P2* 4981.036/T**2

DER=-DER

T=T-ERR/DER

IF(ABS(Tl-T).LT..00001) GO TO 4

GO TO 1

4 Y1=X1*P1*GAM1/P

T=T-273.15

RETURN

END

SUBROUTINE ADJUST(51.52,FLAGM,FLAGP,A,DA)

C...Makes a new guess for interval halving convergence 

method

IF(S1-S2) 1,2,3

1 IF(FLAGM.LT.0) GO TO 4

DA-DA/2

4 A=A+DA

FLAGP=1

GO TO 2

3 IF (FLAGP.LT.0) GO TO 5

DA=DA/2

5 A=A- DA

FLAGM=1

2 IF(A.LT.0.0005) A=0.0005 
RETURN
END
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NOMENCLATURE (EQUATIONS)

B Bottom's flow rate (gmoles/min)

D Distillate flow rate (gmoles/min)

EFFR Murphree tray efficiency in the rectifying section

EFFS Murphree tray efficiency in the stripping section

H Enthalpy of saturated vapor (cal/gmole)

h Enthalpy of saturated liquid (cal/gmole)

L Liquid flow rate (gmoles/min)

NT Total number of trays

N Tray number

QB Effective reboiler heat input (cal/min)

QC Condenser heat load (cal/min)

QL Tray heat loss (cal/min)

R Reflux flow rate (gmoles/min)

SF Steam flow rate (kg/min)

T Tray temperatures (°C)

V Vapor flow rate (gmoles/min)

x Liquid composition (mole fraction)

y Vapor composition (mole fraction)

SYMBOLS

* Equilibrium composition

SUBSCRIPTS

B Bottom's

D Distillate

n Tray

NT Top tray

NF Feed tray
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NOMENCLATURE (PROGRAM LISTINGS)

B Bottom’s flow rate

Bl Steady state recorded value of bottom's rate 
(REI estimator) ’

BGPM Bottom's flow rate in gpm (for use in REI - estimator)

BO Initialized steady state value of bottom’s rate
(REI estimator)

EFFS Murphree tray efficiency in the stipping section

ENTV Enthalpy of saturated vapor

ENTL Enthalpy of saturated liquid

PB Column base pressure

P Tray pressure

QB Effective reboiler heat input

•QLT Total heat loss in the column plus reboiler

RO Molar density

SF Steam flow rate setpoint

SFSET Steady state steam flow rate setpoint

SF1 Steam flow rate (for use in REI estimator)

SFO Initialized value of steam flow rate (REI estimator)

TI Reset time

T& Tray 4 temperature (for use in REI estimator)

T», Steady state value of tray 4 temperature (REI
estimator)

T/q Initialized value of tray 4 temperature (REI 
estimator)

TSET Steady state values of tray temperatures (Bro- 
silow’s linear estimator)

TSI First order lag in digital filter
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TS Sampling period

T Tray temperature

XB Bottom’s product composition

XKC Controller gain

XBSET Bottom’s product composition setpoint

X Tray liquid composition

YX Equilibrium vapor composition

Y Tray vapor composition

YB Reboiler vapor composition
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