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Abstract

Distillation with vapor recompression represents an attractive alternative to
conventional columns in some systems because it reduces considerably the energy
consumption of the process. Most of the literature in the vapor recompression
field has been devoted to the steady-state economic aspects.

The objective of this dissertation is to improve the understanding of the
operation and control of distillation with vapor recompression. This study uses
the ethanol-water and propylene-propane systems as specific typical examples.

The results show that despite the complexity added by the vapor
recompression design, the process does not require a complex control structure.
Control strategies designed for conventional columns can be applied to the
corresponding vapor recompression columns by simply replacing heat input
control with compressor control. The pressure loop will be faster than the
composition loops and hence can be treated independently. For this conclusion
to be valid, two conditions are necessary: (1) the composition time constants of
the column should be at least 5 times larger than the pressure time constant;
(2) the time constants of the reboilers of the two systems should be
approximately the same. A large ratio of composition time constant to pressure
time constant is typical for vapor recompression columns because the systems
considered for vapor recompression represent difficult separations (low relative
\'o]aé.ility), which result in a column with a large number of trays.

Alternative compressor control structures were examined and all were
about equally effective from a control point of view. Compressor control using
variable speed and variable heat transfer area were the alternatives that require

the least energy consumption.



Chapter 1
Introduction

The conventional distillation column ranks among the biggest energy
consumers in the chemical process industries. Consequently there is a significant
incentive to reduce capital investment and to improve the energy efficiency of
this expensive separation process.

In many cases, energy consumption of existing distillation plants canm be

reduced by improvements, such as (Mix et al., 1978):

1. Better operating conditions, e.g. preheating the feed with product
streams.

o

Smaller temperature differences across the heat exchangers.
3. Reduced reflux by increasing the number of trays.
4. Better control systems.
5. Use of adequate insulation.
6. Installa_tion of high-efficiency packings.

However, these straightforward and simple routes for saving energy are
limited and often have already been exploited. Further energy reduction can be
achieved by recovering the heat released at the top of the column. To
accomplish this, Danzinger (1979) and Ferre et al. (1985) suggest the following:
for separation at high temperatures. gencrate low-pressure steam in the
condenser that can be reused elsewhere in the plant: for dual-pressure or coupled
columns, use the heat available at the top of one to heat the other: for
ternperature-sensitive or corrosive products. use heat pumps with an auxiliary
circuit using refrigerant to transfer the energy at the top of the column te the

bottom; if the top product is unsuitable for compression. use a heat pump



where the reboiler liquid is flashed and recompressed; or for systems that require
direct refrigeration or have a small boiling - point difference, use a heat pump
with direct vapor recompression (VRC).

The choice of a heat recovery method is based on the operating and
economic cbnditions of the process. This work will be restricted to direct VRC,
in which the overhead vapor is compressed to a higher temperature so that its

energy can be released in the reboiler by condensation (see Figure 2-1).

1.1 Background

Vapor recompression design has been discussed in the literature for many
vears. Robinson and Gilliland (1950) describe a number of ways, including vapor
recompression, to reduce energy consumption in distillation processes. However,
heat pump systems in distillation have been commonly accepted by industry
only in recent years (Meili, 1987). Most of the literature on vapor
recompression focuses on the steady-state economic aspects (capital costs,
operating costs and optimal operating conditions).

Null (1976) , Mostafa (1981) and Meili and Stuecheli (1987) indicated that
the use of direct VRC is convenient when the reboiler duty 1is high, the
temperature rise across the compressor is low. direct refrigeration or chilled
water is required. or the boiling point difference is small. VRC is not convenient
when the cplumn operates with inexpensive energy or when the top pressure is
less than about 80 mmHg.

Ferre ¢t al. (1985) analyzed two different svstems: ethylbenzene-styrene and
ethylbenzene-xvlene. Thev reported a net saving of 1.3 to 1.6 millions of dollars
per vear, with a pay out time of 1.7 to 2.3 vears. when vapor recompression

was used instead of conventional distillation.



The distillation design and operating conditions to produce a fuel-grade
ethanol product from typical grain fermentation broth were studied by Collura
(1986). For production of 83 mole%; product from 2.9 mole% feed, a design
featuring vapor recompression was found to have the lowest operating cost. This
work reported an optimum reflux ratio of 1.1 times the minimum reflux ratio
and a pressure of 1.0 atm.

Quadri (198.1) studied vapor recompression for the propylene-propane
system. He found the optimum opefating conditions to be a reflux ratio close
to 1.2 times the minimum reflux ratio, a temperature difference in the reboiler-
condenser around 8 °C and a top pressure of 10 atm.

Little has been published on the dynamics and control of vapor
recompression. A dynémic modeling study by Hernandez (1981) is somewhat
helpful in model development, but is limited in complexity and scope and lacks
experimental verification.

The dynamics and control of the ethanol-water system were studied by
Collura (1986). Interaction of the pressure control and other loops that
manipulate energy input/removal appeared to be a potential source of operating
difficulty. A simplified model was used for the compressor ar;d reflux drum.

Brousse et al. (1985) are studyving the steady-state operation of a packed
pilot plant vapor recompression column using microcomputer controls. The

system is cyclohexane-n-heptane. No experimental data has vet been reported.



1.2 Scope of Work

This dissertation examines the dynamics and control of direct vapor
recompression columns. Two specific, industrially important separations are
looked at in detail. These are the ethanol-water system and a hydrocarbon
system of commercial interest, such as might be found in a petroleum refinery
(e.g. a propylene-propane splitter). For both systems there are substantial
economic incentives for using vapor recompression.

The first and most important objective of this dissertation was to improve
the understanding of the operation and control of distillation columns with
vapor recompression. Operability and control problems were explored and
different control schemes were examined and evaluated. To provide a well
understood frame of reference for comparison to the vapor recompression column,
conventional column designs for the same chemical systems were developed and
simulated.

A second objective was to study the control problems of vapor
recompression columns under different process constraints, such as Inaximum
production, column flooding, compressor surge, constant compressor speed, etc.
The control schemes were tested under these condit,ions‘and appropriate changes
in the control structures identified.

The study is based on computer simulation: however, experimental data
from other researchers for the steady-state operation of the conventional columns
was used to verify the steady-state models.

In the following chapters, the steady-state and dynamic models for both
syvstems are presented. The control tools are described and the control aspects of

each systemn are discussed. Finally, some generic conclusions are drawn.



| Chapter 2
Steady-State Models

A number of design configurations are possible when using vapor
recompression in distillation. Figure 2-1 shows a low pressure reflux. drum
scheme in which the reflux drum is operated essentially at the same pressure as
the top of the column. An advantage of this scheme is that it minimizes the
amount of work done by the compressor. The trim condenser can be
manipulated in several ways in this design. It can be operated as a flooded

condenser or the cooling water rate can be manipulated without directly
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Figure 2-1: VRC design with low pressure reflux drum

restricting the flow on the process side. Figure 2-2 shows an alternative. a high
pressure reflux drum scheme. in which the reflux accumulator is operated at the
compressor discharge pressure. One advantage of this system is the elimination

6



of a refrigerated trim condenser when scparating light components which
condense below cooling water temperatures. Since there is no pressure let-down
‘in the reflux accumulator, this design may also prove casier to operate than the

other. Detailed models of these and other alternatives must be used to

A
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Figure 2-2: VRC design with high pressure reflux drum

determine the advantages and 'disad\'arnt-ages of each. The design of choice varies
depending on the components being separated, that is, one design may prove
best for the‘ ethanol-water system while another may be more desirable for the
propylene-propane system.

Steady-state models were developed to perform design and rating
calculations for the different columns to be studied. These models have been
validated by comparison with real systems. Data on the ethanol-water system

were obtained from pilot plant studies conducted at the University of

-1



Concepcion (Chile). Mode]» results match the Concepcion results when a tray
“efficiency of 45% is used. Propylene-propane results were used to fit data
obtained by Finco (1987) for an industrial column operated by Sun Refining and
Marketing. A tray efficiency of 100% was calculated from the plant data.

The purpose of the design program isA to estimate the number of trays,
reflux ratio and feed tray location of a distillation column for a given
separation. For the vapor recompression columns this program requires the
characteristic curves of the compressor to determine compressor speed for a
given head and throughput.

Rating programs (Buckley et al., 1985) (Muhrer ef al., 1988) are useful to
analyze the performance of an existing column. The goals in preparing these

programs are:

o Plot the changes required in all manipulated variables to hold the
controlled variables constant under typical disturbances (Luyben,
1975). This plot shows the values of manipulated variables, such as
reflux ratio, reflux flow and vapor boilup, plotted against feed
composition for fixed terminal compositions. Such plots (Luyben
curves) can indicate whether dual composition control is necessary.

e Obtain the steady-state gains of the process. Here, for example, we
need to know the change in terminal compositions due to a change
in reflux flow with other manipulated variables held constant. In this
procedure it is important that the changes in manipulated variables
be small enough to insure that they are in the linear region (i.e.,
constant steady-state gains). As an example. to determine the steady-
state gains in the processes under study. changes on the order of 10
percent were made in the rmnanipulated variables. Figure 2-3 shows
how the gains between distillate composition and heat input vary
when the size of the heat input step is decreased.

Rigorous plate-to-plate calculations were made taking into account the
effects of non-equal molar overflow and variations in relative volatility. The

following assumptions were made in the development of the steadv-state models:
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Complete mixing per stage

. Adiabatic stages

. No heat of mixing

. Total condenser for the conventional column -
. Partial reboiler for the conventional column

. One feed and two products (distillate and bottoms)

. Constant pressure drop in column trayvs

. Adiabatic compression with polyvtropic cfficiency of 70%

. Centrifugal compressor

. Adiabatic flash of reflux

. Condenser side of the reboiler condenser is a total condenser and the
reboiler side is a partial reboiler



12. 15 °F temperature approach for reboiler-condenser design
13. 20 °F temperature approach for prehcater design
In the following sections, design aspects of the different columns and
systems are discussed and the base cases presented. The results of the rating
programs (steady-state gains and Luyben Acurves) will be discussed. The
thermodynamic and physical property relations are described in Appendix A. A

summary of the physical design of the columns used is given in Appendix B.

2.1 Ethanol-Water System

The final design and optimum operating parameters for a standard
distillation column at the base case conditions are shown in Figure 2-4. The
energy consumption for this design is 117.4 million Btu/hr (120,000 1b/hr of 50
psia steam). It was found that the energy consumption is minimized when the
feed is preheated as much as possible without using steam for that purpose. A
13.5 foot diameter column with 78 trays and a reflux ratio of 1.75 will produce
an overhead product close to the azeotrope, 83 mol%, and a bottom product
with 0.01 mol% of ethanol.

The effects of pressure and reflux ratio were studied by Collura and
confirmed in this simulation. In Table 2-1 the effect of feed composition is
presented. In all cases. 1.1 times the minimum reflux, a top pressure of 1.0
atm.. a Murphree tray efficiency of 0.4 in the stripping section and 0.5 in the
rectifying section and a pressure drop of 5.3 mmHg/tray were used to produce
the desired products.

The vapor recompression design for the base case is presented in Figure
2-5. The column itself is identical to the conventional one because the qperalirxg

pressure and reflux ratio are the same. The energy consumption is 8003 hp or

10
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Figure 2-4: Base case conventional column: ethanol-water
The numbers without units inside the boxes are heat transfer rates in

108 Btu/hr, outside the boxes are flows in Ibmol 'hr.
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Table 2-1: Feed composition effect. Conventional and vapor recompression

Conventional and Vapor Recompression Vapor Recompression

z N NF , RR Qr W hp Q,ux
0.03 57 28 3.05 29.9 4.7 1855 0.6
0.05 69 25 2.04 36.4 6.2 2412 -
0.1 82 14 1.75 61.8 10.9 1261 -
0.2 78 10 1.75 117.4 20.4 R8OG3 -
0.3 5 10 1.75 173.1 29.8 11696 -
0.4 74 11 1.75 228.6 39.2 15377 -
0.5 ;1'3 13 1.75 284.4 18.6 19078 -

N : number of trays

NF  : feed tray

Q,,, @ auxiiiary reboiler duty (10°Btu/hr)
Qr : reboiler duty (10°Btu/hr)

RR : reflux ratio

W : compressor work (10°Btu-hr)
hp : compressor work (hp) :
z : feed molar composition (mole fraction of ethanol)

20.4 million Brtu hr. Siﬁce the top temperature is high enough to use water to
condense the excess vapor (the vapor not required to match reboiler duty) it is
not necessary to compress all the overhead vapor. Therefore it is possible to use
a low pressure reflux drum scheme.

The results shown in Table 2-1 indicate that the effect of feed composition

12
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Figure 2-5: Base case vapor recompression column: ethanol-water

The numbers without units inside the boxes are heat transfer rates in

10% Btu/hr. outside the boxes are flows in Ibmol /hr.
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is similar in" both the. conventional and vapor recompression cases. It is
interesting to note that there is not enough overhead vapor to match the
reboiler duty when the feed composition is less than 5 mol% in ethanol.
Therefore it is necessary to have an auxiliary reboiler . An auxiliary reboiler is
also needed when the feed is subcooled to low temperatures.

The required initial investment for the base cases (20% feed composition)
was calculated using published correlations (Mulet et al., 1981) (Miller and
Kapella, 1977) (Hall et al., 1982). Costs were 1.3 and 5.5 million dollars for the
conventional and vapor recompression designs respectively. Considering utility
costs of $5.0/1000 Ib. of steam and $0.07/KWH of electricity, the operating
costs are 5.6 and 3.8 million dollars per year. These numbers indicate a 2.3
year incremental pay out time beyond the conventional column. The very large
capital cost of the vapor recompression system is mostly due to the cost of the
compressor. Compressor cost is a function of the compression work required. For
this chemical system, the large temperature difference between the top and
bottom of the column indicates the need for a large compression ratio. For
systems with less temperature difference, less energy is required and capital cost

and pay out time decrease (as in the propylene-propane system).

2.2 Propylene-Propane System

The base case for the conventional propylene-propane distillation is shown
in Figure 2-6. It is necessary to operate at 17.6 aim. (244 psig) in order to use
water in the condenser. This pressure is based on a design overhead vapor
temperature of 110 °F. It is not possible to preheat the feed using a column
product because the boiling points of these streams are close together. If colder

cooling water were available, allowing condensation at 90 °F, the pressure can

14



be reduced to 15.6 atm., resulting in a 4.4 % reduction in energy consumption.

The feed composition.effect is presented in Table 2-2. A reflux ratio 1;2
times the minimum, a tray efficiency of 100 %, a pressure drop of 5.3
mmHg/tray and a top temperature of 110 °F were used to produce the required
products.

The same separation using vapor recompression is presented in Figure 2-7.
In this case it is possible to decrease the operating preséure and hence increase
the relative volatility. A high pressure reflux drum scheme is used because of
the low top temperature. The temperature in the reflux drum is fixed to
provide a 15 °F temperature difference in the reboiler-condenser. This design has
a column with 54 fewer trays and an operating pressure 7 atmospheres lower
than the conventional column. The energy consumption drops from 27.3 million
Btu/hr (steam) to 3.0 million Btu/hr (electricity).

Lowering the pressure reduces energy consumption due to the increase in
relative volatility. At some point, however, the reflux drum temperature wﬂl
become too low to allow condensation with water. Rather than using
refrigeration, it may be economical to use a two-stage compressor to raise the
saturation temperature of the excess vapor so that it can be condensed with
cooling water (see Figure 2-8). Thus the choice of operating pressure on the
design of the vapor recompression column is quite significant, as seen in Table
2-3.

Energy consumption can be reduced somewhat by subcooling the reflux to
the column. This reduces the amount of flashing of the reflux as it drops from
the compressor discharge pressure to the compressolr suction pressure. The last

five columns of Table 2-3 show how the flow through the compressor. the flow
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Figure 2-6: Base case conventional column: propylene-propane
The numbers without units inside the boxes are heat transfer rates in

10% Btu/hr, outside the boxes are flows in Ibmol/hr.
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Table 2-2: Feed composition cffect. Conventional distillation P-P.

2 q N \F RR Qg
0.1 1.11 106 18 " 66.3 11.7
0.2 1.09 i31 36 34.5 18.3
0.3 1.08 149 15 23.9 21.3
0.4 1.07 166 50 18.7 23.5
0.5 1.07 185 54 15.7 25.6
0.6 1.06 208 58 13.6 27.3
0.7 1.06 243 65 12.1 28.9
0.8 1.04 259 82 10.7 29.9
0.9 1.02 220 T 9.1 29.2

through the condenser, and the compressor work change when the reflux is

subcooled.

One method of subcooling the reflux is to install an auxiliary trim cooler
in the reflux line (see Figure 2-9). This can be used when the reflux drum
temperature is higher than 110 °F. An alternative is to subcool using the cold
overhead vapor from the column. For this s}’stem. subcooling reflux shifts the
minirnum operating cost pressure from 12 atm. to 16 atm.; however the small

decrease in energy consumption as pressure is increased is offset by an increase

in the number of trays (capital cost). A review of the cost data indicates that
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Figure 2-7:  Base case vapor recompression column: propylene-propane

The numbers without units inside the boxes are heat transfer rates in

10% Btu/hr. outside the boxes are flows in Ibmol -hr.
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Figure 2-8: P-P vapor recompression with two-stage compressor

the optimum operating pressure scems to be about 12 atm. This is the
minimum pressure that allows the use of cooling water in the condenser and
does not require a two-stage compressor.

The effect of feed composition on compressor power is presented in Figure
2-10 for different operating pressures. A linear relation was found between
compressor work and feed composition for a specified column pressure.

The base case design of the conventional column has a capital cost of 1.5
millions of dollars and an operating cost of 1.2 millions of dollars per vear. The
vapor recompression design has a capital c;)st of 1.85 millions of dollars and an
operating cost of 0.56 millions of dollars per vear. The i{;('rerxiellra] pay out time

is 0.25 vear for this system.

19



Table 2-3: Pressure effect. Vapor recompression P-P.
no subcooled reflux subcooled reflux

p, N RR Q t | F. F, hp(1)hp(2)] F. F_ hp(1) hp(2) RC
16 180 12.5 26.2 133 |5782 567 1230 - |5087 - 1082 - CW
15 173 12.1 25.9 1285601 566 1217 - 5083 48.1 1104 - CW
14 166 11.8 25.6 1225431 567 1206 - |5087 223 1130 - CW
12 154 11.3 253 11045125 575 1197 - {4851 533 1168 - oV
10 143 10.7 24.8 96 | 4846 582 1201 48.1 |4609 545 1178 46.3 OV
8 134 10.3 246 81 |4599 592 1228 112 {4388 559 1210 109 OV
3 123 9.6 24.4 50 [4270 640 1347 274 {4094 611 1339 270 OV

p, : bottom pressure (atm)

T, : reflux drum temperature (°F)

F_ : flow through the compressor (Ibmol/hr)

F, : flow through the condenser (Ibmol/hr)

RC : reflux coolant

CW : cooling water

OV : overhead vapor
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Chapter 3
Dynamic Models

In this chapter general dynamic models for distillation columns and
compressors are described and the specific assumptions for the ethanol-water and

propylene-propane systems are presented.

3.1 Distillation Column Models
Most models of a single distillation tray use one dynamic component

balance for each component and one energy equation:

. \'%
dMEz v M y
" n Tnj n

nj] _

dt - Ln+l Tos1;7 Vn-——l Y157 Ln Tn; ™ "n Ynj (3.1)
=1, NC
diM-h +M H
di = Ln+l hn+l BRETS Hn—l - Ln hn - VnI{n (3.2)

where:

MI; : liquid holdup on the n'® tray

M vapor holdup on the n'* tray

r_. : liquid composition of component j on the n'" tray
: vapor composition of component j on the n't tray
L : liquid flow rate

1 : vapor flow rate

h : liquid enthalpy

H : vapor enthalpy

NC  : number of components

Fuentes and Luyben (1982) observed that the energy equation is usually
applied in one of three alternative algebraic forms (models 1. 2 or 3) that differ
in how the left hand side of equation (3.2) is approximated. Whatever algebraic

form is used. the energy balance is rearranged to solve for the vapor flow rate

8]
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on each tray at each point in time.

For model 1, the energy derivative ic set equal to zero, and:

V=L

n v n+lh

V. H _,-Lh!;/H (3.3)

+ ;
n+1 n—-1""n— n o nif n

For model 2, the energy derivative is approximated by,

dMi b+ M H]  dME M
A~ +~H

dt h, dt nodt (34)
For model 3, the complete derivative is used:
, v v
diM- b+ M, H"]zh de;MLdﬁ4 g M i, 5
dt mdt ndt Trodr 0 Tr gy ’
and the enthalpy derivatives are calculated by the expression
dh  h (t+ At) - h (1)
== (3.6)

dt At

Other basic equations for the model represent the vapor-liquid equilibrium.
ph);sica] properties (see Appendix A) and liquid flow rate from each tray
(usually given by the Francis weir formula). Distillate flow. bottoms flow, reflux
flow and heat input are used to control levels and/or compositions.

A comparison of these models and more complex ones is givén by Choe
(1985) . She suggests that vapor holdup should be inciuded when the vapor
density becomes significant in comparison to the liquid densitv. For most
common materials. this corresponds to an operating pressure greater than 5-10
atm. In cases where changes in pressure and pressure drop are significant (e.g..
vacuum columns) a rigorous dynamic vapor hydraulic model should be used.
Solution of the modeling cquations is much simpler when vapor holdup can be

neglected.



Choe and Luyben (1987) give a complete description of how to solve these
equations numerically. They conclude that for most constant pressure columns,
the simple explicit Euler method provides the best algorithm; for variable
pressure drop columns, where the rigorous vapor hydraulic model should be

used, the LSODES method (Hindmarsh and Sherman, 1983) is the best

algorithm.

3.2 Compressor Models

The performance of a centrifugal compressor cannot be exactly predicted
from theoretical analysis. Instead it must be experimentally determined and
reported in the form of performance curves. A typical set of performances curves
is shown Figure 3-1. The stability limit or “surge line” denotes the minimum
flow at which the compressor can operate at a given speed. Operation below the

surge point could cause violent vibration to the point of permanent damage.

HEAD (ft)
T T
h—

S0 X

L Surge line 4

2 1 1 1 L 1 1 1 1

INLET FLOW (acfm)

Figure 3-1:  Compressor performance curves
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The “head®, energy per unit mass of gas in ft-Ib/lb, is given by (Lapina,

1982)
H=pu?/g (3.7)

i : head coefficient
u : impeller tip speed (ft/s)

g : gravitational constant, 32.2 ft/s®
v=N#sD /720 (3.8)
N : impeller speed (rpm)
D  : impeller diameter (in)
p =0.54 +5.0¢ — 200 ¢ (3.9)
700Q
¢=—
ND*
é : flow coefficient
Q : inlet capacity (ft>/min)

The relationship between head and flow coefficient (Equation (3.9)) is a
correlation determined by numerically fitting a typical centrifugal compressor
performance curve reported by Neerken (1975).

A typical arrangement for a centrifugal compressor with speed control is
shown in Figure 3-2. The antisurge control loop (Shinskey, 1979) is designed to
adjust the by-pass flow in order to keep the flow rate through the compressor
above the surge value. The square of the surge flow is approximately linear
with the pressure drop across the compressor. This relation supplies the set
point of the antisurge controller which ieasures compressor inlet flow.

White (1972) has described the surge line as a parabola relating adiabatic

head to the square of volumetric suction flow. The surge line is calculated as

H=CQ". (3.10)
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Figure 3-2:  Centrifugal compressor with variable speed

To model the compressor. the system is divided into three parts: suction
piping. discharge piping, and the compressor proper. Mass balance equations are
written for the suction and discharge volumes. These balances can be solved for

the suction and discharge pressure of the compressor (Davis and Corripio, 1974).

dPa : RT,
R
dP, RT,
~—=(F, - F,~ F)

T v

(3.11)

%4

(3.12)

: flow

: pressure

: ideal gas law constant
: temperature

: volume

: compressibility factor

N o



subscripts

: compressor
: discharge

: surge

: suction

w0

The flows used in this calculation result from algebraic equations: F_ from
the compressor curves, F, is the flow coming out of the column plus or minus
any flashed or condensed flow in the suction piping, F, is the flow being
condensed in the discharge piping and F . is the bypass flow to avoid surge in

the compressor.

3.3 Ethanol-Water System

The column operating pressure is about 1 atm. for the ethanol-water
system in both the conventional and vapor recompression cases; therefore, vapor
holdup is a small fraction of the total holdup (~ 2%) and is neglected. Other

specific assumptions are :

e constant pressure drop (5.3 mmHg/tray)

o Murphree tray efficiency of 0.4 in the stripping section
e Murphree tray efficiency of 0.5 in the rectifving section
¢ temperature measurement lag of 15 seconds

e composition measurement dead time of 1 minute

» compressor speed lag of 30 seconds

e heat input lag of 30 seconds

e compressor polytropic efficiency of 70%



3.4 Propylene-Propane System

The dynamic model developed for the analysis of the conventional
propylene-propane column is similar to the one used for the ethanol-water
system. Due to the relatively high operating pressure, vapor holdup represents
about 30% of the total holdup and is therefore considered.

The computation load was reduced by an approximation. Direct wvapor
dynamics were neglected, but additional liquid holdup was added to simulate the
impact of the vapor holdup on the column dynamics. This model gave dynamic
responses to all disturbances, which were essentially the same as the rigorous
vapor holdup model proposed by Choe (1985).

Prior knowledge (Finco, 1987) suggests the use of an equimolar flow model
for the propylene-propane system. This simplification gives constant vapor flow
in each section of the column and removes the need for cnergy equations. The
equimolar flow inodel gave realistic dynamic responses to all cxamined
disturbances except pressure changes. Pressure effects are not scen because vapor
flows are not calculated from the energy balance of each tray, but are instead
assumed constant throughout the column. The equimolal overflow model requires
much less computation time. Table 3-1 shows how computational time is
effected by these modifications.

The following assumptions were made for this system:

e constant pressure drop (5.3 mmHg tray)

e Murphree tray efficiency of 1.0 in all the trays

e composition measurement dead time of 5 minutes
e compressor speed lag of 30 seconds

e heat input lag of 30 seconds



e compressor polytropic efficiency of 70 %

Table 3-1: Simulation times

Model computational time / real time
vapor holdup 1/10
vapor holdup as liquid 1/15
equimolal flow 1/100




Chapter 4
Controller Design Procedure

An effective control system is essential for the efficient operation of any
process. In this dissertation, multiple single—input-single-outpﬁ (SISO) controllers
were used to regulate the processes uﬁder consideration. This diagonal controller
structure performed well, so multivariable controllers were not investigated.

This chapter outlines the controller design procedure employed. It is
similar to that presented by Yu and Luyben (1986) . First, incentives for dual
composition control or higher order control systems (vapor recompression) were
determined. Steady-state gdins were evaluated and used as an aid to select
manipulated variables and climinate unworkable pairings. Via dynamic tests,
transfer functions of the process were identified and the multiple SISO
controllers were tuned. Finally, the stability and robustness of the closed-loop

system are checked.

4.1 Control System Order

Only the two composition control loops need to be considered for the
conventional “column. For the ethanol-water system. these loops control the
distillate and bottoms compositions (or tray temperatures related to those
compositions) by manipulating reflux rate and energy input to the reboiler.
Dynamics of the loops controlling liquid leveis in the column base and the
reflux accumulator are slow and the column pressure control loop is very fast
relative to the composition control loops. Thus the dynamics of the pressure and
level loops can be neglected. Heat addition (reboiler) and removal (condenser)

occur rapidly relative to column dynamics and are independent of each other.
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For the vapor recompression column. the pressure loop must be considered.
The reboiler and condenser are linked since the condensing overhead vapors
provide the energy for reboiling the column. Changes in compressor speed do
not occur instantaneously. This time lag in changes introduces some sluggishness
into the dynamic response. The result is that the matrix of controlled versus
manipulated variables which must be considered is 3 by 3 rather than 2 by 2.

Although dual composition control results in minimum energy consumption,
interaction between the two composition loops may generate closed-loop stability
problems (Rijnsdorp, 1965). To quantitatively determine the need for dual
composition control or a higher order control system, Luyben curves (Chapter 2)
should be generated. If one of the manipulated variables is not required to
change significantly in order to hold the controlled variables constant under a

typical disturbance, the control system can be reduced in order.

4.2 Steady-State Indices

Once the order of the control system has been determined it is necessary
to decide on a control structure and variable pairings. Indices. evaluated from
steady-state information alone. are helpful in making these decisions. Performing
such a steady-state analysis reduces the number of workable combinations of
control structures requiring dyvnamic study.

Once the controlled variables are selected, the control structures depend
only on the choice of manipulated variables. For a giveﬁ *process. selecting
different manipulated variables will produce different alternative control
structures. To assess the inherent resilience of alternative control structures the
most widely use indices are the Morari Resilience Index (MRI) (Morari.

1983) and the condition number (Moore. 1986).
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The MRI is the minimum singular value (¢) of the plant transfer function
matrix G(iw). The set of manipulated variables that gives the largest minimum
singular value over the frequency range of interest is the best. This index can
also be calculated at zero frequency using the steady-state gain matrix when
transfer functions are not available.

The condition number is the ratio of the largest to the smallest singular
value. The larger the condition number, the more difficult it is to compute a
matrix inverse which is free of errors. In terms of the control problem, a large
condition number indicates that it will be difficult to satisfy the entire set of
control objectives.

In this work these indices were calculated, but since the number of choices
was usually limited (‘2)&2 systems) or/and the value of the indices were often
similar. engineering judgment was often used to make the selection. In other
cases. many control structures were explored before a choice was made.

At present. there is no index that quantifies the best pairing; however, a
negative Relative Gain Array (RGA) (Bristol, 1966) ‘or a negative Niederlinski
Index (NI) (Niederlinski. 1971) indicates an undesirable pairing. These quantities

indicate either an unstable sysiem or a system that lacks integrity.

4.3 Transfer Function Identification
Transfer functions are used to tune the multiple SISO controllers and to
study the stability and robustness of the closed-loop system. Different
techniques are available in the literature to identify process transfer functions.
Classical methods include step and pulse testing (Luyben. 1973). These
methods require long tests for processes with large time constants and become

ineffective when the process is highly nonlinear.
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Statistical methods (Ljung, 1987), which usually use a pseudo-random-
binary signal (PRBS) (Davies, 1972) as input and least squares to identify the
parameters of the transfer funcfion, are becoming quite popular. In general.
these methods are convenient for discrete systems but require prior knowledge of
the process to define the sampling period and the characteristics of the input
signal.

Recently, Luybenr (1987) developed a simple and easy to use procedure to
obtain transfer functions. The method, a variation of Astrom’s “autotune” (relay
feedback) method (Astrom and Hagglund, 1984), has been named the ATV
design procedure. The ATV procedure uses Astrom’s method to get critical gains
and frequencies for each diagonal element of the plant transfer function matrix.
It requires steady-state gains (obtained via rating programs) and the dead time.
Only N tests are needed for an NxN multivariable process. The transfer
functions are obtained by fitting the zero frequency and ultimate frequency data.
The method has worked quite well on highly nonlinear distillation columns.
Some advantages of the method are: it does not need prior knowledge of the
process, it is a closed-loop test, and the test duration is less than required by
classical methods.

All the transfer functions reported in this dissertation have been obtained
using the ATV procedure. Pulse and PRBS tests were also performed in some
cases, but similar results were obtained. The ATV method ;\'as preferred because
of its simplicity and accuracy.

The technique permits the identification of two parameters. The original
paper (Luyben. 1987) suggests a few simple models. Due to the underdamped

characteristics of the vapor recompression systems. two additional models have
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been developed. These models are:

a) Second-order underdamped system

o) =2 (43)
§) = .1
?sl+2¢78+1
1 K/M
r==— \/1 - / (4.2)
V1+ tan(arg G + w D)?
- (1 -w?7) tan{arg G +w D)
Tw
b) First order lag and second-order underdamped system
KC-D s
G(s) = (4.4)
(r,6+1) (Ps?+2¢€rs +1)
K
M= (4.5)
\/(1 -2 a2V ri w?
-2frw
—n=—wD+arctan( ) + arctan(—w ) (4.6)
1— 7242

where:
D  : dead time
K : steady-state gain
G : system transfer function

M  : magnitude ratio
arg G : phase angle

T : time constant
w : frequency
£ : damping coefficient

To evaluate model b) the damping coefficient is assumed to be one and
the equations (4.5) and (4.6) are solved for 7, and 7. If no solution is obtained,
the damping coefficient is decreased until a solution is reached for 7, and 7. It
is possible to get more than one solution. Because underdamped characteristics
are seldom experience in distillation processes the solution with the biggest

damping coefficient is assumed to be the correct one. All of the solutions
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predict the same ultimate gain and ultimate frequency, thus the tuning will not

be significantly affected by the choice of damping coefficient.

4.4 Controller Tuning

The tuning procedure is important when comparing controller structures;
therefore, a common method was used. The choice for the multiple SISO
controller is the BLT procedure (Luyben, 1986).

This simple procedure uses the concepts of classical maximum closed-loop
log modulus (LM) from SISO systems and the stability criterion of multivariable
Nyquist plot to detune equally all loops from the single-loop Ziegler-Nichols

settings.

4.5 Stability and Rbbustness of Closed-Loop

The stability of the closed-loop system is examined using characteristic loci
plots (MacFarlane and Belletruti, 1973).

Robustness is the ability of the closed-loop to remain stable despite
changes in process parameters. Doyle and Stein (1981) proposed two useful
measures of robustness.

DSO=g¢:1~(G B~V (4.7)
DSI=¢:1-(BG)™ Y (4.8)

The final variable pairing is checked for robustness by plotting DSO and

DS] as functions of frequency. Singular values below 0.2 indicate a lack of

robust stability that may require further controller detuning.



Chapter 5
Control of Ethanol-Water Columns

Control systems for the conventional and vapor recompression ethanal-
water columns are discussed in this chapter. The procedures outlined in Chapter
4 were used to design control structures for these processes. The goal was mot
to obtain the “best” control structure, but rather one which was workable and

illustrated the differences between the columns’ dynamic responses.

5.1 Conventional Column

The design of the conventional column has been discussed in Chapter 2

and the base case summarized in Figure 2-{.
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Figure 5-1:  Luyben curves of the conventional column

Luyben curves of the process. plotted in Figure 5-1, were obtained to
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determine the order of the control structure. The curves indicate that both
vapor boilup and reflux flow must be adjusted to compensate for feed
composition disturbances, while the reflux ratio remains almost constant over
the range studied. This means that single-end composition control is

recommended: fix the reflux ratio and control one end with heat input.

5.1.1 Single-end Control

The bottom composition is inferred from a temperature near the bottom of
the column. Singular value decomposition was used to get an indication of
where to place the temperature sensors to maximize sensitivity and minimize
interaction (Moore, 1986). Figure 5-2 shows values of the left singular vector
for each tray. The largest magnitude occurs at Tray 6, indicating that it is the
most favorable location for the temperature sensor.

The temperature on Tray 6 (T,) changes from 224.4 °F to 210.4 °F as
feed composition varies from 0.14 to 0.26 with constant terminal compositions.
Figure 5-3 shows the temperature effect on bottom composition when the reflux
ratio (RR) is fixed at 1.8 ( maximum value from the Luyvben curves. Figure
5-1). It also indicates that the value of temperature selected will determine the
operating feed composition range. A higher temperature allows a wider range
without impairing the specified purities. Figure 3-4 shows the variations in
distillate composition with changes in feed composition using a reflux ratio of
1.8 and T, = 221.7°F. Distillate composition varies very little over the feed
composition range of interest.

The cost of working with fixed reflux ratio and controlling Tray 6
temperature is an increment in cnergy. which in this case is less than 2 . The

additional energy required when using the proposed control structure rather than
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Figure 5-3: Bottom composition for reflux ratio of 1.8

38



50.0 —

40.0 -

30.0 |- _ -

20.0 - e—o—e—8— 9 -

4
p — X SET ( X 10%)

X 0.0 ' -

0. L ! I ! 1 1 1 H :
0.10 0.14 0.18 0.22 0.26 0.30
FEED COMPOSITION

Figure 5-4: Distillate composition for RR=1.8 and T =221.7 °F

dual composition control is shown in Figure 3-3. The effect of Tray 6
temperature set point on distillate composition and additional energy
consumption is negligible.

Figure 5-6 shows the single-end control structure selected. The following

transfer function was determined using the ATV (Section 4.3) method:

TM(6) 260 ¢ ~0-2¢
CO  (1.2s—1)(590s — 1)

where TM(6) represents the tray 6 temperature transmitter output (transmitter
lag of 15 seconds) and CO is the controller output signal (valve lag of 30
seconds). Time constants and dead time are in minutes. The ATV results also
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Figure 5-5: Energy consurnption: single-end vs dual composition control

indicate an ultimate gain of 8.51 and ultimate period of 3.12 minutes.

For this simple SISO controller the BLT tuning criterion is used. A
detuning factor of 4.8 brings the original Ziegler-Nichols tuning to a maximum
closed-loop log modulus of 2.0. The final tuning uses a proportional gain of 0.8
and integral time of 12.5 minutes. Figure 5-7 shows the performance of the
controller for step changes in feed composition. Distillate and bottom
compositions are not directly controlled. Their response to the same disturbances
is shown in Figure 5-8. These results show the ability of the control structure

to keep the terminal compositions within specification.



Figure 5-6: Single-end control structure
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5.1.2 Dual Composition Control

Although dual composition is not required for the ethanol-water system, it
has been examined in the interest of increasing understanding of the generic
behavior of vapor recompression columns.

An analyzer is used to measure top composition instead of inferring it by
temperature. This decision is based on the poor sensitivity of temperature on
the top trays. Based on the singular value decomposition method, if two
temperature measurements were used both of them should be located very close
to the feed tray (Tray 10). Table 5-1 shows the steady-state gains of the
process for different control structures. Dimensionless gains have been calculated
using transmitter spans of 0.2 mole fraction for distillate composition (xp) and
100 °F for Tray 6 temperature (T,) and using valve gains of 2.34x10® Btu/hr
for heat input (Qg), 8380 lbmol‘hr for reflux flow (R), 4800 lbmol/hr for

distillate flow (D) and 3.5 for reflux ratio (RR).

Table 5-1: Steady-state gains G(o) for ethanol-water system

G(O) R-Qp D-QR RR—QR
Xp: 813 9.5 -6.0 3.7

810 -15.5 0.3 -5.8
T6 8oy , -438 276 -170

oo T67 42 323

Table 5-2 gives values of the RGA. Niederlinski Index (NI). Morari
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Resiliency Index (MRI) and condition number for the control structures
examined. The indices indicate that all possibilities are feasible. The values of
the MRI are similar, therefore additional evidence is needed for rejecting any of
the control structures. The condition number of the R-Qg control structure is
large but still not critical. The RR-Qg control structure was chosen because the
previous results indicate that minimum adjustment of the reflux ratio is required

to keep the distillate composition within specification.

Table 5-2: Steady-state analysis of alternative control structures

control variable condition
structure pairing’ RGA NI MRI number
R-Q, |xp-R, TgQq| 1444 0.07 0.6 1550
D-Q, |xp-D. ToQp|  0.72 1.4 1.2 230
RR-Qp xp-RR, Te-Qp 5.6 0.2 0.6 620

The following process transfer functions were identified for the RR-Qp

control structure:

3.7¢7 12 —5.8¢ 133 RR
D\ [(695+1)(1625+1) (1.8s=1) (11905~ 1)
- —170¢70-2¢ 5237020
Te Qr

(0.6 5 + 1) (127 s + 1)° (1.35 ~ 1) (400 5 ~ 1)

Ziegler-Nichols and BLT tuning of the diagonal controllers is summarized

in Table 5-3. The characteristic loci plots of the diagonal elements shown in



Figure 5-9 indicate that the closed-loop svstem is stable. Figure 5-10 shows the
robustness indices DSO and DSI The curves are almost identical. The
minimum value of the singular values is approximately 0.63 (-4 db) indicating

that the closed-loop system is robust.

Table 5-3: Controller settings for conventional column

Ziegler-Nichols BLT
Loop K 7;(min) K, 7,(min)
xp-RR 17.8 15.2 4.8 56.7
To Qg 3.2 2.6 0.9 96

The controller was evaluated using the non-linear model by introducing
step disturbances in feed composition. The results are shown in Figure 5-11. A

small when dual

improvement in the controller performance is obtained
composition control is used. The temperature loop is slightly faster than in the

single-end case and the distillate composition is always on specification.

5.2 Vapor Recompression Column

The vapor recompression column operates at the same pressure as the
conventional column. so to achieve a desired separation the column itself is
identical. The base case design of the vapor recompression column is summarized
in Figure 2-5.

The basic differences between the vapor recompression model and the

conventional column are the addition of a compressor, a trim cooler and
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Figure 5-9:  Characteristic loci of RR-Qp control structure

consideration of pressure dynamics in the compressor suction and discharge.
Open loop studies showed that the system tends to run away when disturbances
occur. It appears that the compressor loop adds positive feedback into the
system. For example, an increase in column pressure causes an increase in flow
through the compressor and therefore an incremental increase in heat input.
This produces an additional increase in column pressure. Under open loop
conditions, the trim cooler is uﬁab]e to compensate for this abnormality. Thus.
it was necessary to control column pressure to maintain a stable system. This
pressure control loop was found to be faster than the composition loops, and
the interaction between the two types of loops negligible.

Because the pressure loop is essentially independent,” the vapor

recomnpression process for the ethanol-water system can be reduced from a 3x3
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system to a single-input single-output system.  The column and operating
conditions are the same as in the conventional case, so a constant reflux ratio
policy provides the desired control. Dual composition control was also
considered to obtain resuits applicable to other binary mixtures requiring similar

vapor recompression designs.

5.2.1 Controller Design

A control strategy similar to the conventional column can be applied to
the vapor recompression column provided both columns are identical and operate
at the same conditions. For the current case, the controlled variables are
distillate composition (xp) and Tray 6 temperature (T¢).  The ianipulated

variables are reflux ratio (RR) and compressor speed (Sp).
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The process steady-state gains are:

Xp, 1.6 -26.6 RR

168 2130 S

For this control structure the RGA is 0.4, the MRI is 3.7 and the
condition number is 580. These values indicate that the control structure is
feasible. Figure 5-12 shows the control structure selected, which includes
antisurge control (section 3.2).

The following are the expressions for the process transfer functions, which

were identified via the ATV procedure:

1.6¢°10¢ -26.6¢ 10
I RR
(0.025+1)(19.35s+1)>2  (0.85-+1)(15135 +1)
168 2130
T, ; 5
(0.6 5+ 1) (140 s + 1)? (12115 + 1) (0.08 s° +0.6 s +1)} | ?

Table 5-4 summarizes Ziegler-Nichols and BLT tunings of the diagonal
controllers. Figure 5-13 shows the characteristic loci for the system, which
indicate that it is closed-loop stable. The curves for the DSO and DSI
robustness indices are shown in Figure 5-14. Thé minimum value is 0.35 (-9
db).

To evaluate the performance of the controllers on the non-linear models,

different disturbances were introduced. Figures 5-15 and 5-16 show the responses
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Figure 5-12: Control structure for the vapor recompression column



Table 5-4: Controller settings for vapor recompression column

Ziegler-Nichols BLT
Loop K, 7,(min) K, 7;(min)
XD-RR 11.2 16.5 5.0 36.7
Te-S, 1.8 1.6 0.8 3.4

of the process when feed composition and feed rate are changed. In general, the
closed-loop behavior of the system is faster than in the conventional case. This
behavior could be due tobthe effect of pressure transients (recall that pressure of
the conventional column was fixed while that of the vapor recompression column
varies) which have a rapid effect on the column. The smaller time delays and
time constants encountered in the vapor recompression transfer functions result
in smaller integral times for the controllers.

Feed rate and feed composition disturbances have a similar effect on the
controlled variables. The Tray 6 temperature loop behavior is faster and more
oscillatory t:han in the conventional column. Top composition is held almost
constant. |

When changes in feed temperature were made the controlled variables were
only slightly affected because the feed is preheated with the top and bottom
streams. |

The results indicate that the control structure used in the conventional

column can operate successfully in the vapor recompression column.
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Chapter 6
Control of Propylene-Propane Columns

Controllers for the conventional and vapor recompression towers were
designed following the procedures presented in Chapter 4.

The main characteristic of propylene-propane columns is the difficult
separation resulting from the low relative volatility of the mixture. This
separation requires a large number of plates. The column operates at high
pressure, so that water can be used to condense the overhead vapor. The small
temperature difference between top and bottom and the large number of trays
make it necessary to measure compositions directly thus slowing the composition

loops through the use of analyzers.

6.1 Conventional Column

The design of the conventional column has been discussed in Chapter 2
and the base case is summarized in Figure 2-6.

The incentive for dual composition control is clearly shown by the Luyben
curves of the process (Figure 6-1). Vapor boilup, reflux flow and reflux ratio
must be adjusted significantly to maintain the terminal composition
specifications.

The controlled variables are distillate and bottoms composition. Possible
manipulated variables include reflux flow. distillate flow. bottoms flow. heat
input. and combinations thereof. so the number of control structures that could
be considered is large. Table 6-1 shows steady-state gains for some of these
alternatives. Dimensionless gains have been calculated using transmitter spans

of 0.05 mole fraction for x, and 0.2 mole fraction for xp: valve gains of
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5.46x107 Btu/hr for Qg 9500 Ibmol; hr for reflux flow, 700 Ilbmol/hr for
distillate flow. 500 lbmol,/hr for bottoms flow. 27.0 for the reflux ratio and
2.19x10° Btu/lbmol for boilup ratio (BR=Qg, B).

Table 6-2 lists the steady-state indices for the control alternatives
considered. Since all the RGA and NI values are positive, all of the control
structures are feasible. The values of MRI and condition number are similar for
all structures with the exception of. the R-Qg control structure. The condition
number for the R-Qp alternative is 30 times larger than for the other
structures, suggesting that controlling the process with that structure would be
more difficult. This result coincides with the rule of thumb which discourages
using reflux flow to control distillate composition in columns with high reflux

ratio.

[
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Table 6-1: Steady-state gains G(o)

G R-Q, D-Q; | RR-Q; | RR-B | RR-BR
Xp: £, 84.76 -6.84 6.30 1.95 5.49

€50 -87.40 5.40 -1.60 1.13 -0.70
Xp: €y, 135.21 | -10.80 9.95 -1.76 3.10

820 -149.40 | -1.91 -12.78 9.04 -5.26

Table 6-2: Steady-state analysis of alternative control structures

control variable condition
structure pairing RGA NI MRI number
R-Q, xp-R. x5-Qp 15.0 0.07 3.6 66
D-Qp xp-D. x5-Qp 0.18 5.5 5.6 2.3
RR-Q, xp-RRx5-Qp 1.2 0.8 3.8 4.5
RR-B xp-RR. x4-B 0.96 1.04 5.1 1.8
RR-BR xp-RR,x5-BR 1.08 0.92 3.6 2.0

Finco (1987) studied the control of propylene-propane towers,
recommending the use of the D-B control structure. Unfortunately. it is not
possible to analyze this structure at steady-state. In addition to excellent

performance. Finco pointed out the unconventional characteristics and the poor
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integrity of this structure. The RR-BR structure is equivalent to the D-B
. structure  assuming tight level control, but requires more complex
instrumentation. The RR-Qg, D-B and the more conventional D-Qp structure
were subjected to dynamic study for this dissertation. The different control
structures are illustrated in Figures 6-2 to 6-4. To tune the level loops the
following criteria were used: when the levels were controlled by external flows
(distillate and bottoms), proportional only controllers were used; when the levels
were controlled by internal flows (reflux and vapor rate), tight PI controllers
were used.

Transfer functions of the form:

KRe o’

G(s) =

{rys + 1) (1,8 + 1)°

have been identified for the D-Qp and RR-BR structures using the ATV
method. Dead time is mostly composition measurement time (5 minutes).
Values of the transfer function parameters are shown in Table 6-3 for the
different loops and structures.

To analyze the unusual D-B structure. ATV tests were tried and an
ultimate gain and period were identified for D-x; and B-xy loops. The D-xj
loop behaves similar to the RR-x; loop. while the ultimate gain of the B-xg
resembles the BR-xp, but its period is hall that of the BR-x;. For the D-B
structure. the tuning is the same as the RR-BR structure but with half as
much reset time in the bottom loop. This tuning can be improved. but since
the procedures differ. comparison with the other structures is not a fair one.

Table 6-4 summarizes the settings and detuning factors for each composition
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Figure 6-2: D-Q, Control structure
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Figure 6-3: RR-BR Control structure
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Figure 6-4: D-B Control structure
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Table 6-3:

Transfer function parameters

Structure Loop K ™ 7 7,
D-Qg D-x, | -6.8 5.0 1.6 4300
D-xg | -108 | 100 46 470

Qpxp | 54 5.0 0.8 175

QR-xB -1.9 5.0 3.2 7.2
RR-BR RR-x[ 5.5 5.0 1.7 3375
RR-xB 3.1 19.0 5.3 5390
BR-XD -0.7 5.0 1.2 3470
BR-XB -5.3 19.0 5.2 1610

control stl"ucture.

The control structures are compared based on how well the composition
controllers performed on the rigorous, nonlinear models. The process response
to a step change in feed composition from 0.6 to 0.55 mole fraction of
propylene is presented in Figures 6-5 and 6-6. Figure 6-5 illustrates the changes
in terminal compositions when the D-Qg and RR-Qp control structures were
used. Figure 6-6 shows the manipulated variable movement for both structures.
The performance of the D-B structure is presented in Figure 6-7.

The results indicate that any of these control structures is able to

effectively regulate the process. The performance of these structures differ less

than reported by Finco. perhaps because lower purity columns were studied in
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Table 6-4:

Controller settings for conventional column

Structure Loop Gain Reset time | Detune factor
D-Qg Overhead -36 44 2.0
Bottom -0.4 60 2.0
RR-BR Overhead 21 76 3.4
Bottom -8 270 3.4
D-B Overhead 21 76 -
Bottomn -8 135 --

this dissertation (Finco used 99.5% in the top and 2.5% in the bottoms).

6.2 Vapor Recompression Coluinn

The propylene-propane mixture requires a high pressure reflux drum design
for the vapor recompression column. Open loop responses to different
disturbances showed that the process was stable, in contrast to the openloop
instability observed in the ethanol-water system.

The base case is illustrated in Figure 2-7. Initially, the process was
treated as a 3x3 system where compositions and pressure in the column were
the controlled variables. The Luvben curves for reflux flow. reflux ratio and
vapor boilup are similar to these presented in Figure 6-1. The use of vapor
recompression introduces additional candidate manipulated variables: compressor
speed and cooling water flow. Figure 6-8 shows that both these variables must

be adjusted to maintain the desired set points. No reduction in the order of the

system appeared to be possible.
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Knowledge of the conventional column was used to select a control
strategy for the vapor recompression column. For the conventional column, it
was found that any of the control structures considered gave satisfactory results.
Since the D-Qp structure is widely used, the vapor recompression controller
design was based on a control structure that used distillate flow and compressor
speed. Cooling water flow rate to the trim cooler was the third manipulated

variable. For this 3x3 case the steady-state gains are:

Xp - 9.2 7.9 -0.3 D
Xg = -10.0 -2.8 0.1 Speed
P - 0.9 1.0 -0.3 F,

The relative gain array is:

0.24 0.89 -0.13
A = 0.75 0.26 -0.01
0.01 -0.15 1.14

The RGA indicates that the pairing is feasible. The negative values for the
pairing x,-F and xg-F show that cooling water should not be used to control
either composition. The RGA for the remaining 2x2 system (xps xg; D. Speed)
suggests an inversion in the pairing as in the conventional column: however the
dynamics of that pairing are poor leaving only the pairing shown as the only
viable alternative for this particular structure. Tigure 6-9 shows the suggested
control structure, including compressor antisurge control.

Dynamic studies of the process revealed that the pressure loop was much

faster than the composition loops (natural period of 1.2 minutes). so the loop
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was tuned independently and the order of the system reduced to 2x2.

The transfer functions of the process are:

__92 8—5.0 s 7'9 8_5'0 3
z D
D (1.5 5+ 1) (48005 - 1) (Ts+1) (1415 + 1)
- ~10e-50¢ _98¢=50s
i 2 2 Sp
(3s-+1) (1155 +1) (455 +1)(145°+65+1)

In contrast to the conventional column, the vapor recompression process
has smaller dead times and underdamped characteristics in the transfer function
between bottoms composition and compressor speed. The vapor recompression
process responds faster because of the lower operating pressure (higher relative
volatility) and because of the process itself. which has linked the heat addition
and removal.

Table 6-5 gaves the Ziegler-Nichols and BLT tuning for the diagonal
controllers. Figure 6-10 shows that the system would be closed-loop stable using
the BLT setting. Figure 6-11 illustrat.es‘the DSO and DSI indices for robustness.
The minimum value is 0.22 (-13 db). indicating that further detuning of the
controller parameters is not necessary.

The performance of the con.trol svstem for step changes in feed
composition is illustrated in Figure 6-12. The response is slightly faster than
that obtained by the conventional column. Figure 6-13 shows the manipulated
variable movements, indicating that the range of controllability could be wider
without running into valve saturation. These responses do not consider process
constraints, which are covered in the next chapter.

Feed rate. feed temperature and setpoint changes were applied to test the
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Table 6-5: Controller settings for vapor recompression column
Zicgler-Nichols BLT
Loop K, r,(min) K, 7,(min)
xp-D -62 21.4 -31 42.8
xB-Sp -0.6 27.3 -0.3 54.6
G614 622
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Characteristic loci for vapor recompression column

ability of the control structure to keep the compositions within specification.

Figure 6-14 shows the effect of feed rate disturbances. which resembles that

resulting from feed composition disturbances. The feed temperature effect is
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negligible. It becomes more important when the temperature is lower than 90
°F, because the feed is subcooled at fced tray conditions. The response of the
system to a setpoint change in bottoms composition from 5 to 3% is given in
Figure 6-15. The response is particularly oscillatory for the top composition loop
due to steady-state interaction between the loops. Detuning the loops can reduce
the oscillation, as is shown by the additional curves in Figure 6-15. These
represent new controller tunings: BLT with a log modulus of —2 db. Since the
response of the bottom loop was satisfactory. detuning of the top loop only was
considered. However. no improvement with respect to BLT+2 was found. To see

if detuning degraded load rejection a feed composition disturbance was made

and little deterioration was found (see Figure 6-16).
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Chapter 7
Compressor Control Alternatives and
Process Constraints

The effects of process constraints and alternative methods of controlling
the compressor (instead of variable speed) are explored in this chapter. Analysis
is based on the propylene-propane system, but should be applicable to any

vapor recompression system.

7.1 Effect of Process Constraints .

The economic situation determines the operating point of a plant. The
plant would operate above or below the design operating point depending on the
demand for the products. For the distillation column, this might cause the
process to run against a physical limitation such as valve saturation. column
flooding, compressor surge, etc. For example, when maximum production is the
objective, column flooding, speed saturation and cooling water valve saturation
constraints must be considered.

To maximize profit it is desirable to produce the product demanded using
the minimum energy. In a binary column. it is typical for the purity of one
product to be determined by the quality requirements of the market and that of
the second by the energy cost - product value trade-off. For the propylene-
propane tower it is necessarv to produce propylene at 99'%. The bottoms
composition is set at 5% propylene because it is assumed to be the optimum. A
composition higher than 5% of propyvlene in the bottoms means that the cost of
wasted propylene exceeds the cnergy savings. Based on this economic criterion.

when the process encounters a constraint. the first loop that should be sacrificed



is the one associated with energy.

For the propylene-propane system a constraint that hits primarily the
energy loop is the one associated with changes in cooling water temperature. In
summertime the cooling water valve may be completely open, so that column
pressure is no longer controllable. When the cooling water temperature goes
from 85 to 95 °F the pressure setpoint of 10.9 atm is no longer attainable and
the column steady-state pressure increases to 11.7 atm. This higher operating
pressure makes the separation more difficult because it lowers relative volatility.
Figure 7-1 shows the controller performance during this type of summer
operation. For small disturbances the controller performance is almost
unaffected. but as the perturbation increases the distillate composition loop
performance degrades some what. The loob becomes slower and the tuning
tighter. It would be advisable to detune the loop to avoid the oscillatory
behavior shown during summer operation. The bottoms composition loop is less
affected.

Column flooding might be caused by an increase in feed rate or feed
composition. An override control can be designed to prevent this situation by
holding the compressor speed at a safe value. Figure 7-2 shows the control
performance when the flooding override control is active. For a step change in
feed composition from 0.6 to 0.8 mole fraction in propylene. the bottoms
composition is no longer controllable at the desired setpoint.

It has been established that when faced with process constraints it is
preferable to maintain product composition rather than pressure.  Flooding
velocity is a function of vapor rate and vapor density. An increase in operating

pressure increases the vapor densitv and decreases the vapor rate. Usually this
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change affects -the actual velocity more than the flooding velocity and may

remove the flooding limitations.

The effect of operating pressure was studied from a steady-state point of

view. Let

A, = net area (ft?)

F, = liquid flow (lbmol/hr)

V, = vapor flow (lbmol/hr)
MW = average molecular weight
v = vapor velocity (ft/s)

v, = flooding velocity (ft/s)

p;, = liquid density (Ib/ft3)

py = vapor density (Ib/ft)

b4 = surface tension (dynes/cm)

Then, flooding velocity is given by (Wankat, 1988):

(7.1)
PL—Py '
v,= K ™ (ft/s)

where K = Cgp(0/20)%?

For a tray spacing of 24 in., Wankat suggests the following correlation for

(7.2)
log(Cyp) = —0.94506 — 0.70234 log( F,) — 0.22618 [log(F ;)]

r F //’v
w= oL

F‘/’

Surface tension can be calculated using a correlation for hvdrocarbons

reported by Henley and Seader (1981):
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(7.3)
PL= Py,
18.5

g =

The operating vapor velocity can be calculated by

(7.4)
F, MW

rt=——
py A, 3600

(ft/s)

Table 7-1 shows the effect of operating pressure (P) on the reflux ratio
(RR), relative volatility (a), vapor density (p,), surface tension (s), vapor
velocity (v), flooding velocity (vf) and the ratio of vapor to flooding velocity
when the feed composition is 0.8 mole fraction of propylene and the required
bottoms composition is 0.03.

The results indicate that, for the propylene-propane system, raising the
pressure does not remove the flooding constraint. This appears to be due to
the high sensitivity of relative volatility (on a relative basis) to pressure in this
system. As pressure is increased. relative volatility decreases which increases the
reflux ratio. This increases the required molar vapor flow rate. The increase in
vapor density with increasing pressure does not have a large enough effect to
compensate for this higher molar vapor rate. and the result is only a small
decrease in the actual vapor velocity as pressure is increased. Higher pressure

decreases flooding velocity because of the higher density.



Table 7-1: Pressure effect on flooding limitations

P RR a by o v v o/s,
12.0 9.95 | 1.200 | 1.69 4.97 0.83 0.77 1.08
11.5 976 | 1.202 | 1.62 5.15 0.84 0.80 1.05
10.9 9.55 | 1.206 | 1.55 539 | 0.87 0.84 1.03
10.5 9.41 1.208 | 1.50 5.56 0.88 0.87 1.01
10.0 9.25 1.210 1.43 5.77 0.90 0.91 0.99

7.2 Compressor Control Alternatives

The control strategies for vapor recompression towers presented so far have
been designed using a variable speed compressor. Compressor control can be
accomplished in several other ways: suction throttling, bypassing outlet flow
back into the compressor suction, or -varving the heat-transfer area in the
reboiler-condenser using a flooded reboiler design (condensate-throttling). For
the propylene-propane application the compressor is controlled to regulate heat
input to the column. thus controlling bottoms composition. Figure 7-3 shows the
control scheme for the bottoms composition using different compressor control
structures.

In this section. compressor control alternatives are explored and the impact

of the compressor characteristic curves is discussed.
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7.2.1 Plant Characteristic Curve

In order to analyze the effect of the compressor control alternatives and
the compressor characteristic curves on the process, the plant characteristic
curve is needed. It was obtained using a steady-state rating program. The
column feed rate was varied while the compositions were held constant to see
the result of changing the compressor throughput.

Figure 7-4 illustrates the base compressor characteristic curves given by
Equations 3.7 to 3.9 as well as the plant characteristic curve. Figure 7-5 shows

the use of steeper compressor characteristic curves.
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Figure 7-4: Basic compressor characteristic curves

It is interesting to note that the plant curve displays a unique quasi-linear
relationship between head and compressor flow. instead of the typical upward

sloped quadratic shape. Also unusual is the fact that when the throughput of
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Figure 7-5:  Steeper compressor characteristic curves

the compressor tends to zero the head tends to a nonzero value.
The same type of relationship is found between pressure difference across

the compressor and compressor flow (see Figure 7-6). This behavior can be

explained by the fact that the plant curve is determined by heat addittion and

removal in the reboiler-condenser. which is given by:
Q=UA(Tyo- Tp)

where:

A : area of the reboiler-condenser (ft°)

Q : heat addition.removal (Btu/hr)

7 : heat transfer coefficient (Btu/ft* °F hr)

T : saturated temperature at discharge pressure (°F)

RC
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T

g ° bottoms temperature (°F)

From the compressor discharge side the heat is given by:

{7.6)
Q@=Ap60V
where:
A : latent heat (Btulb)
p : suction density (Ib ft®)
% : suction flow (ft® min)

For the small range over which discharge pressure changes. a linear relationship

between saturated pressure and temperature can be assumed:

TRC=u'- de



Then, the discharge pressure can be calculated from:

(7.8)
Ap60 Tg~a
TUABT T3
or the pressure difference by:
(7.9)
p )p60 Tg—a P
—P = <+ —
d * UAB B s

It can be seen that the intercept of this linear relationship is nothing else
that (P:i —P;;:)TB for this system, because the heat would be zero when Tro is
equal t03 Tg. This expression is a generic relationship that provides the plant
characteristic curve of any vapor recompression system.

The physical properties predict values of 0.0014 and 3.72 for the slope and

intercept of this relationship. Fitting the data obtained from the rating program

which uses a rigorous model the values are 0.0012 and 3.75.

7.2.2 Variable Speed

Compressor speed is adjusted to compensate for process disturbances.
Figure 7-7 shows how the? ‘compressor speed must change to maintain
compositions when additional heat is required by the column. The operating
point moves to a higher speed curve. increasing the flow and head of the
compressor. To analvze the effectiveness of the variable speed control structure
different sizes of feed composition disturbances were introduced into the dynamic
nonlinear model. Figure 7-& shows the maximum peak of the dynamic

compressor speed responses and the final values (steady-state) required to keep

bottoms composition within specification when feed composition disturbances
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Figure 7-7:  Variable speed effect

The shapes of the‘p]am and compressor characteristic curves determine the
changes in speed required to meet the new operating point. Table 7-2 gives the
adjustments in speed (Sp) for two different compressor characteristic curves. For
a given process, the steeper 't.h'e compressor curves the larger the changes in
speed. For a specific feed composition (z). energy consumption (hp) is the same
for both sets of curves because the operating point dictated by the process is
the same, and speed is determined by the hcad and flow provided by the
compressor.

There should be a column operating pressure that minimizes compressor
horsepower. A reduction in pressure decreases the vapor rate in the column and

through the compressor but increases the ratio of suction to discharge pressure.
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Table 7-2: Compressor curve effect on speed

basic curves steeper curves
z S, %change S, %change hp
0.8 8370 6.1 9748 11.1 1520
0.7 8145 3.2 9150 4.3 1360
0.6 7890 - 8769 - 1190
0.5 7640 -3.2 8394 -4.3 1016
0.4 7420 -5.9 8065 -8.0 870

Table 7-3 shows the effect of pressure (P) on energy. Cooling water temperature
(T.,) and saturation of the water valve (F, = 20000 lbmol/hr) would limit the
available pressure range. A change in pressure from 10.9 atm to 10 atm reduces
cnergy consumption by 1% and increases compressor speed by 2%. Thus it
seerns clear that for the variable speed configuration. energy consumption is only
slightly effected by the operating pressure. On the other hand. running at the
minimum pressure means that the system cannot handle load disturbances

without requiring a pressure change. The small reduction in power (15¢) may

not be worth the increased operability and control problems.



Table 7-3: Pressure effect on speed

T, P S, hp F,

85 12 , 7742 1208 4324
10.9 7890 1186 8245
10.4 7968 1180 14300
10.0 8036 1174 35300

75 10.9 7890 1186 3827
10.0 8036 1174 6064
9.0 8236 1169 17981
8.8 8281 1169 29730

" Exceeds valve design capability

7.2.3 Suction Throttling

The suction throttling strategy adjusts suction pressure to compensate for
process disturbances. Figure 7-9 shows the case when additional heat is required
by the column. The operating point is moved along a constant speed curve to a
higher flow by reducing the pressure difference across the coumpressor. The
higher temperature differential driving force in the reboiler-condenser increases
the discharge pressure. The increased opening of the suction valve decreases
pressure drop over it, increasing suction pressure. The increase in suction
pressure though is higher than the iucrcase in discharge pressure. thus the
pressure difference across the compressor is reduced. The changes in suction
pressure resulting from feed composition disturbances are illustrated in Figure
7-10.
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Figure 7-9:  Suction throttling effect

The suction valve was designed to be completely open when the feed

composition rises to values close to 0.8 mole fraction propylene. Because of the

valve on the suction line, the head of the process characteristic curve for a

specific throughput is higher than in the variable speed case. so a higher

compressor speed is needed to meet process requirements, resulting in increased

energy consumption at the design point. Table 7-4 indicates the differences in

suction pressure (P_) when a compressor with steeper characteristic curves is

used.

Table
consumption.
requirements

the pressure

7-5 shows the effect of the operating pressure on energy
A change in pressure from 10.9 atm to 10 atm reduces the energy
by 5% and decreases suction pressure by 6.8%7. However. reducing

also reduces the range in which suction pressure can be varied.

95



SUCTION PRESSURE CHANGE %

8.0 T T T T )

4.0

: dynamic
@ . steady-state

1 ] 1 1 L 1 1

0.40 0.48 0.56 0.64 0.72 0.80
FEED COMPOSITION (MOL FRACTION)

Figure 7-10: . Suction pressure changes vs. feed composition
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Table 7-4: Compressor curve effect on suction throttling

basic curves steeper curves
z P, %change| hp P, %change hp F,
0.8 10.86 5.4 1529 10.86 7.5 1529 6081
0.7 10.6 2.9 1447 10.5 4.0 1470 5625
0.6 10.3 -- 1342 10.1 - 1391 5085
0.5 10.02 -2.9 1227 9.7 -4.0 1299 4536
0.4 9.76 -5.2 1115 9.4 -6.9 1205 4040
thus reducing the capability of handling load disturbances. The lowest

attainable pressure is limited by cooling water flow and temperature.

7.2.4 Variable Heat Transfer Area

The heat transfer area of the reboiler-condenser is adjusted to compensate
for process disturbances. The heat input to the column is regulated by
changing the setpoint of the level controller in the reboiler-condenser. thus
. varying the heat transfer area available. The changes in heat transfer area
modify the plant characteristic curve. Figure 7-11 shows how the operating point
of the compressor is moved by increasing the heat transfer area when the
column requires more heat. The new operating point is farther down the
constant speed curve allowing more flow to go through the compressor. The
combressor head is lower because increasing the available heat transfer -area

decreases the temperature differential driving force in the reboiler-condenser. This
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Table 7-5: Pressure effect on suction throttling

T P P hp F,

85 10.9 10.3 1342 13298
10.4 9.9 1308 26071

75 10.9 10.3 1342 5089
10.4 9.9 1308 6256
10.0 9.6 1281 7762
9.5 9.2 1248 11440
9.0 8.84 1214 22738

" Exceeds valve design capability

means that the compressor discharge pressure decreases.

At the design operating point the process conditions are the same as in
the variable speed compressor case, but a bigger reboiler-condenser must be used
to make it possible handle disturbances. Figure 7-12 indicates the dynamic and
steady-state changes in heat transfer area when feed composition disturbances
upset the column. Table 7-6 illustrates that the changes in heat transfer area
become larger and changes in energy consumption become smaller when a
compressor with a steeper characteristic curves is used. The same heat tiransfer
area is used for both sets of compressor characteristic curves at the design
point. so a higher compressor speed is needed for the steeper curves.

The effects of pressure are illustrated in Table 7-7. These are similar to

the behavior in the other alternatives. in that a reduction in pressure reduces
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Figure 7-11: \Variable heat transfer area effect

energy requirements but also reduces the ability of handling load disturbances.
A change from 10.9 atm to 10 aum in pressure causes a reduction in energy of

6% and increases the area by 12¢%.

7.2.5 Bypassing

The bypass control alternative operates with more flow through the
compressor than is necessary to meet the column heat input requirements. The
excess flow is rec_vlcled to the compressor suction. Figure 7-13 shows that to
increase the heat input to the column the bypass flow must decrease causing a
corresponding increase in the compressor head: the heat input increases due to
the higher temperature differential driving force in the rcboiler-condenser. The

net effect is increased flow through the reboiler. less flow through the
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Table 7-6:

Compressor curve effect on heat transfer area

basic curves

steeper curves

z area %change hp area %change hp
0.8 7106 66 1306 7338 71 1200
0.7 5137 20 1240 5635 31 1198
0.6 4280 - 1190 4280 -- 1190
0.5 3640 -15 1110 3320 -22 1148
0.4 3033 -29 1020 2657 -38 1094

Table 7-7: DPressure effect on heat transfer area
T, P area hp F.
85 10.9 4280 1190 8200
10.4 4530 1150 13800
10.0 4780 1120 11000’
5 10.9 4280 1190 3690
10.0 4780 - 1120 5850
9.5 5162 1080 9247
9.0 5670 1040 23500

" Exceeds valve design capability
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compressor, and much less flow through the bypass.
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Figure 7-13: Bypass flow effect

A design bypass flow of 3000 Ibmol/hr was selected to provide a
reasonable capability to handle process‘disturbances. This high flow causes a
dramatic increase in energy consumption in comparison to the other alternatives.
Steady-state and dynamic changes in bypass flow to compensate for feed
composition disturbances are illustrated in Figure 7-14.

The effect of the compressor characteristic curves is the opposite of .that in
the other cases. Steeper compressor characteristic curves reduce the changes in
bypass flow. This is because the temperature differential driving force in the
reboiler determines héat input and the flow through the exchanger. The steeper
compressor characteristic curves. give smaller changes in pressure for given

changes in flow. Table 7-8 shows the bypass flow and energy consumption for
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Table 7-8:

Compressor curve effect on bypass flow

basic curves

steeper curves

z F, %change ~hp F, %change hp
0.8 1450 -52 1880 1710 -43 1945
0.7 2160 -28 1887 2300 -23 1920
0.6 3000 -- 1886 3000 -- 1886
0.5 - 3840 28 1876 3700 23 1850
0.4 4590 53 1860 4350 45 1800

Table 7-9: Pressure effect on bypass flow
T P F, hp F
85 10.9 3000 1886 8245
10.4 2635 1803 14300
10.0 2340 1735 35290°
75 10.9 3000 1886 3420
10.0 2340 1735 6064
9.5 1967 1649 9055
9.0 1562 1588 17980

* . “ye
Exceeds valve design capability
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the two sets of compressor curves.

Table 7-9 illustrates the effect of pressure on the amount of flow bypassed
and the energy consumed. A reduction in pressure reduces the internal vapor in
the column and the bypass ﬂow; and thus reduces the energy consumption. Iﬂ
this case, a lower operating pressure ?educes operating costs more significantly

than in the other alternatives.

7.2.6 Dynamic Performance

For the propylene-propane system Figure 7-15 shows that all of the
compressor control alternatives perform well. They differ in control action effort
and energy consumption. Variable speed and suction throttling require smaller
adjustments in the manipulated variable than bypassing or variable heat transfer
area. Variable heat transfer area is inherently slower than the other
alternatives because of the liquid dynamics in the heat exchanger. For the
propylene-propane system, this difference is not appreciable due to the slow
composition responses.

Figure 7-16 shows an energy consumption comparison of the compressor
control alternatives for different feed compositions. Bypass control is the
simplest alternative. but requires much more energy than the others. In general.
selection of an approach depends on the specific application. Variable heat
exchanger area could be advantageous when feed composition disturbances are
usually over the design value because energy consumption is less sensitive than
in the variable speed or suction throttling cases. For a plant that operates
over a wide range of feed rates and compositions. it would be advisable to have

a variable speed compressor.
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Chapter. 8
Generic Conclusions

This study has shown that the control system used on a vapor
recompression column can be the same as the control system of the
corresponding conventional column by replacing heat input control with
compressor control. The pressure loop will be faster than the compositions loops,
so it can be tuned independently. For this conclusion to be valid, two
conditions are necessary: (1) the composition time constants of the column
should be at least 5 times larger than the pressure time constant; (2) the time
constants of the reboilers of the two systems should be approximately the same.
In terms of a distillation design parameter, the first condition coresponds to
having a temperature difference between top and bottom of the column that is
no greater than approximately 60 °F, which represents the upper limit for vapor
recompression under todéy"s economic conditions.

To reach this generic conclusion, we have explored two specific systems,

ethanol-water and propylene-propane, which differ in many ways:

e Operating pressure: The . ethanol-water system operates at low
pressure (1 atm), whereas the propylene-propane system operates at a
much higher pressure (10-20 atm).

e VLE characteristics: The ethanol-water mixture has very non-ideal
liquid behavior and rather ideal vapor phase behavior because of the
Jow operating pressure. The propylene-propane mixture behaves as an
ideal liquid and non-ideal vapor.

e Mixture properties: Composition changes have an important impact
on mixture properties in the case of ethanol-water because the
individual component properties differ significantly. Propylene and
propane have similar propertics throughout the range of interest. so
mixture properties are less dependent on composition.

e Vapor holdup: Because of the low operating pressure and consequent
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low vapor densities, the vapor holdup of the ethanol-water system is
negligible.  Vapor holdup must be considered for the propylene-
propane systermn.

e Vapor recompression design: The two systems require different vapor
recompression designs so that water -can be used as the cooling
medium.

e Temperature difference (AT): The ATs between column top and
bottom are 62 °F and 22 °F for the ethanol-water and propylene-
propane systems respectively.  The AT has a major impact on the
economic attractiveness of vapor recompression systems, because a
large AT implies a high compression ratio and increased compressor
power.

Vapor recompression is generally considered to be economically viable (late
1980’s energy costs) for separations with a column AT of about 65 °F or less.
In light of this, @he propylene-propane and ethanol-water systems can be seen as
approximating boundary conditions of the region where economic incentives
exist. Because of their representative nature, these systems provide a basis for a
general study of vapor recompression.

The steady-state and dynamic aspects of conventional columns were
analyzed to provide a comparative basis for the vapor recompression systems.
Clearly, the main difference between vapor recompression and conventional
distillation is the way in which energy is added and removed from the columns.
For the conventional column. the dynamic changes in energy addition (reboiler
duty) or removal (condenser duty) occur very rapidly compared to the dynamics
of the column. Additionally. these two parameters cau be varied independently.
In the vapor recompression columns. energy addition and removal are linked
because of the reboiler-condenser. The -Ivrim cooler does allow for some
independent energy removal. but the quantity of energy removed is small

compared to the total amount of energy flowing through the column.
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Originally, it was thought that the pressure béhavior of the columns might
differ in the two structures. In the conventional columns, pressure dynamics are
fast and so can be regulated by manipulating the condenser duty without
interaction with composition loops. In the vapor recompression columns, the
relationship between compressor speed and pressure initially appears complex.
For example, one would expect an increase in compressor speed to increase
suction flow and decrease suction pressure; however, the same increase in speed
should increase the heat added to the column, and thus increase vapor rates
and suction pressure. The speed and net effect of these changes were unknown.
so the vapor recompressioh columns were considered truly multivariable systems
of order 3x3 and a significant control challenge.

For the specific cases we have studied, the pressure loop dynamics were
found to be significantly faster than the dynamics of the compoéition loops, thus
it was possible to degrade the control systems to order 2x2.

Looking at the vapor recompression columns as a 2x2 system, important
similarities between the conventional and vapor recompression systems become
apparent. The vapor recompression columns were controlled by extending a
control structure successfully emploved on the specific conventional column to
the corresponding vapor recompression column. To achieve this., compressor
control in the vapor recompression column (speed, area. suction or bypass)
replaced heat input control in the conventional column.

The ethanol-water and propylene-propane systems display a common
pattern: the similarities between the conventional and vapor recompression
processes outweigh the differences. There are two key similarities: the pressure

loop can be treated independently of composition loops. and compressor control
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emulates heat input control.

When these two conditions are present we beliéve that we have provided a
generic solution to the problem of control of columns with direct vapor
recompression. In the following sections these conditions are explained and the

limitations of the generic solution addressed.

8.1 Pressure Control

The fact that the pressure loop can be treated (tuned) independently of
composition loops implies that the interactions between these types of loops are
negligible. Consequently, the system can be seen as 2x2 like the conventional
column. Independence can be assumed because pressure dynamics are fast

relative to composition dynamics.

A. Composition Dynamics

The inherent composition dynamics are primarily determined by the holdup
of raterial in the column. Since almost all systerus considered for vapor
recom}?ression represent difficult separations (low relative volatility), the column
will always have a large number of trays, which results in slow composition
dynamics. Compositioh control'l;)op d;\'namics will be slowed by delays and lags
associated with the sensors and other column hardware.

For the propylene-propane system. the column AT is small so two
analyzers must be used to measure compositions. Use of analyzers will slow
composition responses. In this particular .application a delay of 5 minutes was
assumed. The distillate composition control loop responds with a natural period

of 26 minutes and the bottoms composition control loop responds with a period

of 33 ininutes.
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For the ethanol-water system, with its substantial AT, only one analyzer
ié required; bottoms composition can be inferred from Tray 6 temperature. The
natural periods are éO and 2 minutes for the top composition and temperature
in Tray 6 control loops respectively.

In both cases, a turbine speed lag of 0.5 minutes was assumed. A larger
lag will further slow composition dynamics because the speed of changes in heat
input will decrease. The same effect is produced when condensate throttling is

used to control the compressor and regulate column heat input.

B. Pressure Dynamics

The pressure dynamics are fast because the vapor residence time (time
constant) of the column is small. Changes in the rate of vapor boilup or
condensation rapidly effect pressure.

For the propylene-propane system, the pressure loop control responds with
a natural period of 1.2 minutes. The vapor residence time is 7.8 minutes.

For the ethanol-water system. the pressure loop control responds with a
period of 0.4 minutes. The vapor residence time is 0.58 minutes.

The results indicate that pressure dynamics are in a range of 5 to 50
times faster than composition dyvnamics. This difference in the speed of
response of pressure and composition loops is tyvpical of systems where the
separation is difficult (small AT). Since small ATs are currently a prereéuisite
for vapor recompression columns. it seems likely that the independence of the

pressure Joop can be assumed for most vapor recompression systems.
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8.2 Compressor Control

A. Dynamic

.To maintain in the vapor recompression column the same control system
as in the conventional column it is necessary that the compressor control loop
(variable speed, variable area, suction throttling or bypass) has an equivalent
dynamic response to the heat input control in the conventional column. This
means that if the dynamics of the reboiler is slow in the conventional column,
then the same should apply to the vapor recompression reboiler dynamics.
Typically, the compressor loop in the vapor recompression column behaves
similar to the steam heat input control loop in the conventional column. This
is because the vapor héldup in the compressor is relatively small compared to
the vapor holdup in the column (ratio 1,20), thus changes in compressor speed
(or other compressor control variables) rapidly effect the vapor rates in the
column. emulating the steam effect on the conventional columns.

For the propylene-propane s_vstefn. the vapor holdup in the compressor
section (pipes. compressor. heat exchangers) was 750 ft® and the vapor holdup
in the column was 16000 ft°. The time constants (V:F) were 0.3 and 7.8
minutes for the compressor section and column respectively.

For the ethanol-water column the vapor holdups were 1200 and 20000 ft®

and the time constants 0.022 and 0.5% minutes for the compressor part and

column respectively.

B. Steady-State

The steady-state interactions of vapor recompression control svsiems are
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similar to those of conventional column systems with the same control
structures. The pathways by which a disturbance effects the system are similar
whether the column uses vapor recompression or not. .For example, for a
(D,QR) control structure, an increase in heat input increases vapor rate and
reflux flow. The increase in reflux pushes the column back toward steady-state.
The presence of a compressor does not alter this sequence; the same effect

occurs when the compressor speed is increased in a (D,Sp) control structure.

8.3 Limitations

A small AT is the key to slow composition dynamics (fast pressure
dynamics) and small time constants in the compressor section relative to the
column. Therefore, the vapor recompression control design procedure outlined in
this dissertation can be considered generic as long as the column temperature
difference is less than about 60 °F. This is the “rule of thumb” limitation for
vapor recompression systems under today’s economic conditions.

This study has been conducted for commercial scale columns. The
conclusions obtained here may not be valid in pilot plants or laboratory scale
columns where the volume of the columns will be closer to the compressor

section volumes.
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Appendix‘A
Thermodynamic and Physical Properties

A.1 Ethanol-Water System

A.1.1 Vapor-liquid equilibrium
The form of the equilibrium model is that suggested by Black (1963).

The model is as follows:

[]
i VP
= —=— (A.1)
z,
¢, P
where:
Y : vapor mole fraction of component i
z, : liquid mole fraction of component i
% : liquid phase activity coefficient of component i
p:.’ : vapor pressure of pure component i
c’»:. : imperfection pressure coefficient of component i
(similar to fugacity coefficient)
P : total pressure
The parameters and accuracy of the model are described by Collura
(1986).

A.1.2 Enthalpy functions
A model developed by Collura (1986} was used. The following assumptions

and simplifications are included:

o enthalpy defined as zero for pure liquids at 0°C and saturation
pressure

» vapor phase heat of mixing is not included (ideal vapor solution)

e ideal gas heat capacities are used
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A.1.3 Density functions

Liquid density is estimated using Amagat’s rule for mixtures. This method

simply assumes that liquid volumes are additive, and hence neglects the volume

change on mixing.

Vapor density is estimated based on the ideal gas volume.

A.2 Propylene-Propane System

A.2.1 Vapor-liquid equilibrium

A correlation developed by Finco (1987) is used.

a=A0—Al :z—,42:1:2
AO =1.2855 — 0.000446 P
A1 = 0.088008 — 0.0001035 P

A, =0.052215 - 0.00014607 P

where
a : relative volatility
7 : liquid composition (mole St propylene)
P : pressure (70 psia £ P > 250 psia)

A.2.2 Enthalpy functions

(4.2)

Liquid and vapor enthalpies were calculated using the Redlich-Kwong

equation of state. The correlation and parameters were obtained from Henley

and Seader (1981).
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A.2.3 Density functions
Amagat’s rule was used to obtain the liquid mixture density. For the pure

components the following correlations were developed:

(A.3)
py,=086-00011T
Py, =0.57-0.001T O (4a4)
for temperatures on the range of 70 to 140 °F.
Vapor density was calculated from:
MW P N
= TRT (4.5)
L+ Bmi: P (A 6)
ST RT '
B T, T, 7.?
—=0.43-0. — —0.694 — - 0. _— AT
- 3-0.886 7 - 0.6 = 0.075 Y- (A.7)

The virial coefficient was obtained from the corresponding-states

correlations described by Prausnitz et al. (1986).
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Appendix B
Columns Design Specifications

B.1 Ethanol-Water Columns

Conventional VRC
column diameter, ft 13.5 13.5
number of trays 78 78
feed tray location 10 10
weir height, in 2.0 2.0
weir length, ft 104 10.4
tray spacing. in : 24 24
reboiler area. ft? 6760 39400
condenser area, ft* 7560
top prehcater area, ft° 1860 _ ‘ 1860
bottom preheater area, ft° 1320 1320
trim cooler area, ft° 1400
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B.2 Propyléene-Propane Columns

Conventional VRC
column diameter, ft 9.5 8.5
number of trays 208 154
feed tray location 58 41
weir height,‘ in 2.0 2.0
weir length, ft 7.3 6.6
tray spacing, in 24 24
reboiler area. ft° 1420 4280
condenser areé, ft® 12500
trim cooler aréa, ft? 800

o
(2]
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